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Preface

An increasing and long lasting demand for lower olefins, especially propylene, gave a
strong motivation to scientists all over the globe to search for an alternative production
route. One of the most promising ones was oxidative dehydrogenation of propane, o�en
referred as ODHP, which, compared to thermodynamically unfavored non-oxidative de-
hydrogenation, could bring larger yields of desired propylene.�is was one of the reasons
why�e Netherlands Organization for Scientific Research (NWO) decided to support fi-
nancially a project on the development of a reactor concept for the selective oxidation of
propane for olefin production, which result, in the form of this thesis, is in front of you.

To achieve the goals set in the project proposal, prof. dr. ir. Hans Kuipers decided
to give me an opportunity to start this long, but rather interesting trip into a world of
engineering science. �us, a big and special thanks goes to him, for all what he has done
for me in the past few years. It is impossible to express how much freedom he gave me
in my research: so many brainstorming discussions, extremely intelligent remarks and
excellent explanations for all the problems I had encountered in my work and his bird-eye
view on a subject have helped that this thesis comes to the light. As this was a joint project
of two research groups, I would also like to express my gratitude to prof. dr. ir. Geert
Versteeg, who offered me to start working on this project in his group and whom I am
deeply indebted formy coming to�eNetherlands. His scientific support and supervision
were much more than a graduate student can expect from his professor!

My daily supervisors, dr. ir. John Niederer and dr. ir. Martin van Sint Annaland I am
very grateful for creating just the right hue of relaxed and productive work environment
that I had the privilege of enjoying the past years. �eir ideas, their help, and especially
their unique brand of enthusiasm form the bedrock onwhichmuch of this thesis was built.

Experimental work definitely couldn’t be performed without the best technicians I’ve
ever met — special thanks goes to Benno, Wim, Johan, Erik and Gerrit not only for con-
structing my experimental setup, but also for their smart technical advices, without which
I would never have my setup working properly. �ey were always willing to leave all their
work and helpmewhen somethingwentwrong, thus, oncemore— thank you. Secretaries
Irene andNicole I am grateful for handling all administrative work forme in the past years
and for being a friendly-ear for all my complaints. My colleagues from both, OOIP and
FCRE group, I would like to thank for creating a good and stimulating atmosphere.
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result numbers, and so on.

На краjу, желео бих да се захвалим своjим родитељима и сестри, за свесрдну
и несебичну подршку и помоћ током свих ових година.Њихово разумевање за све
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1
Introduction

With an increasing demand for lower olefins, especially propylene, it is anticipated that the
existing routes for its production will become insufficient, which paves the road for the de-
velopment of a new process — the oxidative dehydrogenation of propane. Not suffering from
thermodynamic limitations, as is the case with direct dehydrogenation processes, not produc-
ing carbonaceous deposits which may deteriorate the catalytic activity and with a possibility
to produce propylene at much lower temperatures without expensive heat exchange equip-
ment (i.e. improved energy efficiency), this new process is potentially very promising. �e
oxidative dehydrogenation of propane has been an important research area for a number of
years. �e research described in this thesis focuses on the reactor technology development for
this process. In this chapter a brief introduction to the process of oxidative dehydrogenation
of propane will be given, together with the research questions and the thesis outline.
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1.1 Introduction

L     in synthesis processes because of their
high chemical activity in the reactions. �e total amount of ethylene and propy-
lene consumed in  by the global chemical industry have been estimated to

be about  Mton and . Mton, respectively []. Propylene, one of the most valuable
petrochemicals, is nowadays produced either by steam cracking of liquid feedstocks such
as naphtha as well as LPGs, where propylene comes out as a by-product [], or is recovered
fromoff-gases produced in fluid catalytic cracking (FCC) units in refineries (see Table .).
�e remainder of propylene (currently only %, but growing) is produced via on-purpose
technologies such as propane dehydrogenation (PDH) and metathesis.

Table 1.1: Commercial sources of world propylene production in , according to Walther []

World production Annual growth,
Propylene source

million tons % share %, –

Steam crackers . . .

Refinery FCC units . . .

Metathesis/cracking/dehydrogenation . . .

Methanol-to-olefins design stage − −
Total . . .

�e primary source of propylene as a side product is from cracking naphtha and other
liquids such as gas oil and condensates, which mainly produces ethylene. By altering the
cracking severity and the feedstock, the propylene:ethylene ratio can be increased from
.: to .:. Smaller amounts of propylene are obtained from cracking propane and
butane. �e cracking of liquid feedstocks is carried out predominately in Europe and
Asia, while a growing source of propylene, particularly in the US, is from refineries where
splitters recover the propylene from the off-gases produced by FCCs []. However, refinery
propylene needs further purification for chemical and polymer use.

With a propylene demand growing faster than the demand for ethylene, combined
with the construction of more ethane crackers, rather than naphtha crackers, on-purpose
technologies for the production of propylene are highly desirable. �e main on-purpose
process currently industrially applied is propane dehydrogenation (PDH) but it is only
economically viable in cases where low-cost LPGs are available. �ese processes suffer
from thermodynamic limitations, coke formation and require costly heat exchange at high
operating temperatures because of the endothermicity of the reaction.

In the next section a brief description is given of current industrial processes for light
olefins production.
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1.2 Current processes for light olefins production

Typical processes for the commercial production or having a great potential for light ole-
fins production are those using petroleum distillates as a feedstock. �e processes can be
classified into four groups:

. thermal cracking

. catalytic pyrolysis

. catalytic cracking and

. catalytic dehydrogenation.

�e main characteristics of these processes are described subsequently.

1.2.1 Thermal cracking

�ermal cracking includes processes, such as steam cracking in a tubular furnace, a sand
furnace and a coke particles fluidized bed (K-K process) []. Without the introduction of
catalytic particles into the process, the cracking reactions are the result of thermal crack-
ing. �e tubular furnace cracking is the most widely used process for light olefins pro-
duction today, which provides over % of the entire ethylene production in the world
[]. However, the difficulty in treating heavy feeds has limited its application range greatly.
Because the solids can carry the coke deposited out of the reactor, the sand furnace and
the fluidized bed consisting of coke particles are capable of treating heavy feeds, however
the low yields of light olefins caused by significant backmixing in these reactors havemade
them give way to the tubular furnace.

1.2.2 Catalytic pyrolysis

Next to thermal cracking processes, there are pyrolytic processes which use catalysts ac-
celerating cracking reactions, adopted to increase the yields of olefins and reduce the op-
erating temperature. �ose processes are classified as catalytic pyrolysis []. However,
the temperature is still high enough for thermal cracking reactions, so the distribution
of products is determined by both thermal and catalytic reactions. Different catalysts re-
quire different operating conditions and result in different product distributions [, ], but
none of these processes is widely used in commercial production. �e reason may lie in
the undesired economic drawback caused by the large number of low value byproducts
(for example, dry gas and coke) in the produced gas.
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1.2.3 Catalytic cracking

Although the fact that dry gas from the FCC processes contains light olefins was known
long ago and was also regarded as an important source for light olefins, it was only in
recent years that catalytic cracking was developed into independent processes for light
olefins production. Besides the MAXOFIN process [] and the PetroFCC process [], a
series of similar processes (MIP [], MGG [], ARGG [], etc.) with different desired
products were developed. Because the thermal effect is very weak at the relatively low-
temperature operating conditions, the conversion and selectivity strongly depend on the
performance of the catalyst (usually a kind of zeolite catalyst similar to the FCC catalyst).

Propylene or butylene, but not ethylene, has the highest yield among the overall gas
products. Additionally, some liquid products are also obtained in these processes, how-
ever the high content of olefins makes their direct use o�en difficult. In comparison with
thermal and catalytic cracking, catalytic pyrolysis seems to be more suitable to obtain the
maximum light olefins (including ethylene, propylene and butylene) at a relatively low
temperature by adopting both thermal cracking and catalytic cracking, although the high
yield of low-value byproducts needs to be reduced. Novel processes in this area are still
encouraged.

1.2.4 Catalytic dehydrogenation

Conventional catalytic dehydrogenation of light paraffins is well established and practiced
commercially worldwide. Most important are the following processes: CATOFIN (United
Catalysts/ABB Lummus Crest) [], OLEFLEX (UOP) [], FBD (Snamprogetti, Yarsin-
tez) [] and STAR (Uhde) []. Although these processes and their respective catalysts
are highly optimized, they all suffer from the common disadvantage that their olefin yields
are thermodynamically limited. �ese processes differ in the way heat is provided for the
endothermic dehydrogenation and in the way carbonaceous deposits on the catalyst par-
ticles, formed as a side product during the dehydrogenation, are removed. �e following
paragraphs describe these processes more in detail, while a short summary is presented
in Table ..

CATOFIN process

�e CATOFIN process converts propane to propylene over a fixed-bed chromia-alumi-
na catalyst. �e unconverted propane is recycled so that propylene is the main product.
Operating conditions for the process are selected to optimize the relationship among se-
lectivity, conversion, and energy consumption. Side reactions occurring simultaneously
with the main reaction cause the formation of some light and heavy hydrocarbons as well
as the deposition of coke on the catalyst [].
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Table 1.2: An overview of the industrial technologies for the dehydrogenation of lower alkanes

process CATOFIN OLEFLEX STAR FBD

operating mode cyclic moving bed cyclic fluidized
bed

reactor type adiabatic adiabatic isothermal adiabatic

total number of reactors 5 4 8 1

duration of cycle 25 min continuous 8 h continuous

process conditions

temperature, K 798–950 798–978 755–894 793–873

pressure, bar 0.1–0.7 1–3 3–8 1.1–1.5

propane conversion, % 65 40 30–40 −
selectivity to C3H6 87 90 80–90 −
isobutane conversion, % 60–65 45–50 45–55 ∼50
selectivity to iso-C4H8 95 91–92 85–90 >90

�e process is endothermic and takes place in several parallel fixed-bed reactors that
operate on a cyclic basis to permit continuous uninterrupted flow of the major process
streams. In one complete cycle, hydrocarbon vapors are dehydrogenated and the reactor
is then purged with steam and blown with air to reheat the catalyst and burn off the small
amount of coke (less than .% on catalyst) which is deposited during the reaction cycle.
�ese steps are followed by an evacuation and reduction and subsequently another cycle
is started.

One of the negative aspects of this process is the need for external heating and cooling.
�e feed is preheated through a fired heater before being passed over the catalyst in the
reactors. �e hot reactor effluent is cooled, compressed, and sent to the product fractiona-
tion and recovery system. �e need for external heating and cooling obviously influences
the overall energy efficiency of the system.

OLEFLEX process

�is process for isobutane and propane dehydrogenation was first introduced in�ailand
in  []. �e process was developed on the basis of the following two successfully
operating UOP processes: the Pacol process for the dehydrogenation of paraffins from a
kerosene fraction to monoolefins and the CCR platforming process used for reforming of
naphtha in the production of high-octane gasoline. �e OLEFLEX process is performed
with a moving bed of a bead platinum catalyst in a multiple-stage reactor unit via a reac-
tor–regenerator circuit with intermediate heat absorption between the units []. �ree
or four reactors are required for ∼ % conversion in the dehydrogenation of isobutylene
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or propane, respectively. �is process is characterized by high capital investments because
of the sophisticated apparatuses required. Moreover, this technology requires a high me-
chanical strength of the catalyst. It is likely that, for the above reasons, the first plant in
�ailand was put into operation with a ten year delay despite of a large publicity program.

�e main disadvantage of this process is low equilibrium conversion and the need to
operate at a pressure lower than atmospheric to achieve a reasonable ethane conversion
[]. Again the need for external inter-stage heaters and coolers contribute to lowering
the overall energy efficiency of the system.

Steam active reforming (STAR) process

STAR, the acronym for STeam Active Reforming, is a commercially established technol-
ogy for the dehydrogenation of light paraffins, such as propane or butane. Initially de-
veloped by Phillips Petroleum Company, USA, the technology was acquired by Uhde in
December . In the period from  to  the performance of the STAR process
was significantly increased by addition of an oxydehydrogenation step, which enhances
the process economics in terms of investment and operating costs.

�e fresh C/C paraffin feed, recycled unconverted light paraffins and process steam
are preheated and fed to the first part of the reaction section— the STAR process reformer.
�e reformer is a tubular top-fired reactor furnace, where the tubes are filled with STAR
catalyst, based on a zinc and calcium aluminate support, impregnated with various no-
ble metals. �is catalyst is extremely stable at high temperatures in the presence of steam
and oxygen and demonstrates excellent dehydrogenation properties with very high selec-
tivities at near equilibrium conversion. �e endothermic dehydrogenation reaction takes
place at –K and pressures of – bar.

In the second step, part of the hydrogen from the intermediate reaction product, leav-
ing the reformer, reacts selectively with oxygen or oxygen-enriched air at a maximum
K and – bar in the adiabatic catalytic oxyreactor, thereby producing steam. �is is
followed by further dehydrogenation over the same STAR catalyst bed.

Internally supplied heat from the exothermic hydrogen combustion significantly re-
duces the load on external heat required for the endothermic dehydrogenation, which
contributes to better energy efficiency in comparison to CATOFIN and OLEFLEX pro-
cesses.

�e reaction section operates on an eight-hour operational cycle, i.e. seven hours of
operation followed by one hour regeneration. A typical design features two parallel re-
action trains, each with a reformer and a downstream oxyreactor. Within an eight-hour
cycle both trains are in operation for six hours and in the other two hours each of the two
trains is regenerated for an hour while the other is in operation. Fluctuation of the prod-
uct flow due to the process cycle is equalized in an intermediate storage vessel upstream
of the fractionation section.
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Fluidized bed dehydrogenation (FBD) process

A dehydrogenation technology employing a fluidized bed reactor [, ] was developed
in the former Soviet Union during the fi�ies, to supply C–C olefins for the production
of synthetic rubbers.

In the last decade, Snamprogetti and the Russian company Yarsintez have further de-
veloped this technology improving both chemical and engineering aspects to make it eco-
nomically competitive in Western markets []. A new technology for the production of
the catalyst was developed, enhancing its chemical activity and improving dramatically
its mechanical resistance against particle attrition, a particularly important aspect in flu-
idized bed systems: the consumption of the catalyst by attrition has been decreased by a
factor of thirty in comparison with the original Russian catalyst. �e result of this joint
effort is the FBD (fluidized bed dehydrogenation) technology that is now commercialized
by Snamprogetti for the dehydrogenation of C , C and C paraffins (FBD-, - and -).

In the FBD technology, the reaction section consists of two units, a reactor-regenera-
tor assembly similar to that used in the FCC process. �e dehydrogenation step occurs
in a staged fluidized catalytic bed, without diluents, operating at pressures slightly above
atmospheric. Fresh feed is vaporized, mixed with a recycle from an olefins user unit (e.g.
MTBE), preheated by cross-exchange with the reactor effluent, then fed to the reactor
vessel from the bottom of the catalytic bed. Reaction products are separated from the en-
trained catalyst powder by means of high efficiency cyclones and, a�er a complete dust
elimination in a suitable scrubbing system, are sent to compression and separation sec-
tions to separate C/C stream from hydrogen and by-products. �e heart of the process
is the reactor-regenerator system.

Catalyst circulates continuously from the reactor vessel to the regenerator and vice-
versa by means of pneumatic transfer lines, creating a countercurrent gas-solid contact
both in the reactor and in the regenerator. In the regenerator vessel the catalyst restores
its initial activity by combustion of the low amounts of coke deposited on its surface: ad-
ditional fuel is catalytically burned directly on the catalyst to satisfy the overall thermal
balance. �e heat developed in the regenerator is stored by the catalyst itself and used for
the dehydrogenation reactions. Before being conveyed to the regenerator, the catalyst is
stripped with nitrogen to avoid loss of adsorbed products.

�e same operation is performed on the bottom of the regenerator to avoid oxygen
transport to the reactor vessel, which may result in a loss of selectivity.

1.2.5 Oxidative dehydrogenation of propane

In contrast to dehydrogenation processes, a potentially better alternative to the conven-
tional propylene production processes is in principle the oxidative dehydrogenation of
propane, or shortly, ODHP. �is process offers operation at lower temperatures, avoids
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coke formation due to the presence of oxygen and has a good internal thermal integration
of the overall slightly exothermic process without the requirement for high temperature
heat exchange equipment, but, there are still many challenges to be overcome in order to
make the ODHP commercially attractive.

Research performed bymany different scientists during the last  years certainly con-
tributed to a better understanding of the ODH reactions. Many different catalysts were
tested, many different operating conditions and parameters were explored and many im-
provements were made. However, a reactor design for the specific needs of the process of
oxidative dehydrogenation of propane appears to be a relatively unexplored area. �e aim
of this thesis is to show that with a sophisticated reactor design, significant improvements
in the yield of the desired reaction product, propylene, can be achieved, while at the same
time the yield of undesired carbon oxides can be decreased.

Although the actual reaction network is very complex, the reaction scheme of propy-
lene formation via ODHP can be simplified as indicated in equation .:

target product: CH + 
O Ð→ CH +HO (.)

where undesired carbon oxides can be formed either by direct propane combustion (equa-
tion .), or by deep oxidation of propylene (equation .).

waste products: CH + 
 ( +  x)O Ð→ COx + HO (.)

CH + 
 ( + x)O Ð→ COx + HO (.)

In such partial oxidation systems, the reaction order of oxygen for the formation of
the desired product is typically lower than the reaction order for the formation of waste
products. In this case, lowering the oxygen inlet concentration is very beneficial for in-
creasing the selectivity to the desired product, which, combined with a high conversion,
would result in a significantly higher yield of olefins []. For a proper reactor design,
it is necessary to have information whether the waste products are obtained in reactions
where both, desired and waste products are formed directly from the reactants in the feed
(parallel reaction scheme), or in reactions of an intermediate (and simultaneously target!)
product with oxygen in the feed (consecutive reaction scheme).

In the parallel reaction scenario, there are two possible reactor configurations: a well-
mixed reactor, such as a fluidized bed reactor, where the oxygen concentration can be kept
low, due to the back-mixing, or a packed bedmembrane reactor with a distributive oxygen
feed. �e main problem associated with the well-mixed reactor is that due to the back-
mixing of the products, the reactant concentration is also relatively low, so that a large
reactor volume is required. On the other hand, in case of a consecutive reaction scheme
gas back-mixing should be avoided and the oxygen concentration should remain low in
order to achieve optimal product selectivity. A membrane reactor with a distributive oxy-
gen feed would be, in terms of reactor volume and/or propylene yield, the best solution,
due to the much lower axial gas dispersion.
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1.3 Research objectives

�e primary goal of this research is to develop a packed bed membrane reactor for the
oxidative dehydrogenation of propane and to quantify the benefit of a distributive oxygen
feed on the propylene selectivity and yield in comparison to the packed bed reactor with
premixed reactants flow both computationally and experimentally. Together with the re-
actor design, also the operating conditions are examined, in order to maximize the yield
of propylene.

It is important tomention that in the research performed, themembrane is observed as
an oxygen distributor (porous membrane), while the actual transport of oxygen through
the membrane was not studied.

�e outline of this study is described in the following section.

1.4 Thesis outline

�e research described in this thesis starts in chapter  with a literature survey on the
catalysts used in the ODH of propane, as well as temperature, pressure, feed composition
and other process conditions studied by other researchers. �is served as a basis for the
selection of a suitable catalyst system for the experimental work and the development of
the experimental setup.

Kinetic studies of the ODHP over the selected GaO/MoO catalyst are described
in chapter . Experiments were performed in a differentially operated lab-scale packed
bed reactor to obtain detailed kinetic information on the propane and propylene reaction
rates. Reaction orders in the hydrocarbons and in oxygen were determined for both target
and side reactions. Also the importance of the non-catalyzed system is investigated.

In chapter  a detailed mathematical model is developed in order to assess and quan-
tify the possible benefits of a packed bed membrane reactor for the process of propane
oxidative dehydrogenation. A pseudohomogeneous, -D model is developed based on
mass and energy conservation equations, as well as the kinetic equations derived from the
experiments described in chapter . �e results include, among others, how the reactor
length, oxygen concentration and feed dilution influence the yields of propylene and side
products.

Subsequently, the necessary experimental validation of the results obtained from nu-
merical simulations discussed in chapter were carried out and these results are presented
in chapter . �e influence of feed composition, flow rate and extent of dilution were
measured for both, premixed and distributed oxygen feed and compared with numerical
simulations.
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2
Literature Survey

As an alternative route for the production of propylene, the oxidative dehydrogenation of
propane (ODHP) has been in focus of scientific research for more than thirty years. During
this long period, various aspects of the process have been examined, especially the search for
the best catalyst system and best operating conditions that achieve the largest yield of the
desired product, propylene. �is was also accompanied with research on possible reactor
concepts: packed bed reactors with premixed or distributed oxygen feed, as well as reactors
using fluidized bed technology were investigated. In this chapter an overview of these and
other aspects of ODHP will be given.
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2.1 Introduction

W
    for (light) olefins, [–] the existing routes for

their production might become insufficient, forcing research to develop an al-
ternative way for the production of these industrially important olefins. One of

the potentially most attractive routes is the oxidative dehydrogenation.

Processes based on the catalytic dehydrogenation of alkanes show some major disad-
vantages related to thermodynamic limitations on the maximum single-pass conversion,
high capital investment in high temperature heat exchange equipment to provide the re-
quired reaction energy and a high tendency to coking and corresponding short catalyst
life times []. A route to overcome thermodynamic limitations is to combine the dehy-
drogenation reaction with hydrogen oxidation. Presence of oxygen in the reaction system
also prevents coke formation and significantly extends catalyst lifetime, although themain
problem, low olefin yield, still remains. Despite the research efforts invested andmany dif-
ferent catalysts tested, the maximum propylene yield has not exceeded %, whichmakes
oxidative dehydrogenation process still far away from industrial commercialization. Vari-
ations in temperature, flow rate and feed composition also revealed the importance of op-
erating conditions on overall process performance. �erefore, the properties of catalytic
systems, process conditions and alternative reactor concepts are of crucial importance for
further process improvement. A literature survey on catalyst, process conditions and re-
actor concepts for the ODHP is presented next.

2.2 Catalysts

Various materials have been examined for their potential catalytic enhancement of ODHP
and a brief overview of the most important catalyst materials explored is presented here.

Today’s o�en studied systems are vanadium- and molybdenum-containing catalysts.
Conventional transition metal oxides with redox properties, such as vanadia catalysts did
not show the expected performance [–], as (re)adsorption of olefins limits the yield and
leads to total oxidation []. At the same time the same vanadia supported on alumina or
sepiolite gives amore selective catalyst [].�ese catalysts are characterized by a relatively
low selectivity (<%) and yield (–%) to propylene, but they are active at relatively low
temperatures (–K). �e catalysts based on the VMgO system have been investi-
gated in recent years byOwen andKung [] and other authors [, , –].�ese catalysts
are characterized by relatively high selectivities and yields (∼ % and %, respectively),
but they also produce oxygenates. However, there is no agreement in the literature as to
the nature of the inorganic phase that gives the best catalytic performance [, , , ],
and it is likely that factors other than the crystalline structure of the vanadates, such as
the presence of small amounts of VO or alkali metals, enrichment in either magnesium
or vanadium, particle size, and so on, may have a significant influence on the catalytic
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activity. Smits et al. [, , ] investigated the VNbO system, which exhibits good pro-
ductivity to propylene and apparently does not yield any oxygenated products. Selectivity
to propylene was as high as % for low conversions of propane and the catalyst operated
at relatively low temperatures (–K).

Many authors [–] studied ODHP on catalysts based on vanadia and molybdena
containing alkali (K, Li, Rb) and transition metals (Ni, Cr, V, Mo, and P) as promoters
[–]. For the VMgO catalyst, the addition of alkali significantly decreased the activity
and increased the selectivity, while redox elements led to an increase in both activity and
selectivity. �e effect of doping the support with altervalent ions (Ca +, Al + , Fe + , W +)
and of the sequence of potassium introduction into the VOx/TiO catalysts on the physi-
cochemical and catalytic properties in ODHPwas also studied [, ]. �e supports used
for the deposition of the vanadium or molybdenum phase range from conventional carri-
ers such as TiO, SiO, AlO , MgO and molecular sieves [] to highly porous structures
of pillared interlayered clays []. Isolation of vanadium ions [, ] inside the zeolitema-
trix leads to a catalyst with relatively high yields of propylene. �e tetrahedron structure
of an isolated VO was proposed as the active site in the VAPO- catalyst.

However, various other catalysts have also been examined for potential use in the
ODHP: Fox and Lee [] have used supportedmolten salt catalysts, based mainly on alkali
chlorides; Dahl et al. [] have used lithium hydroxide/lithium iodide melts; Ushkov et al.
[] investigated a variety of metal sulphates as catalysts, Takita et al. [] studied metal
phosphates; Mazzocchia et al. [] have used nickel molybdate catalysts, and Smits et al.
[] have used niobium pentoxide.

On the other hand, magnesia based catalysts mixed with rare-earth oxides and pro-
moted with alkali halide, showed higher activity and higher selectivity for the formation
of olefins, compared to the previously mentioned catalytic systems. According to Conway
et al. [], Conway and Lunsford [] this type of catalyst showed good results in obtain-
ing ethylene from ethane. �e composition of the catalyst studied, corresponded closely
to catalysts used for methane oxidative coupling [] and contained mainly MgO mixed
with DyO and promoted by alkali metal oxides and halogen (mainly Cl). Halogens were
claimed to be of great importance in achieving high yields, because of their acidity, which
has a positive influence on the dehydrogenation.

Landau et al. [] investigated the production of mixed olefins from LPG using rare
earth catalysts promoted by alkali metal oxides and halogen. �e propylene yield was
comparable with the maximum obtainable yield of propylenemade in a process usingMg-
V-O catalysts, and also some ethene was formed over rare earth-alkali-halogen catalysts.
Overall olefin yields were up to %. Buyevskaya et al. [] reported that the same olefin
yield can be obtained from pure propane, and that the propylene yield could be even %.

Davies and Taylor [] studied gallium-molybdenum catalysts which showed increa-
sed yield of partial oxidation products by combining the alkane activation properties of
GaO and the partial oxidation behavior of MoO in a synergistic manner. Comparison
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of the propane oxidation over GaO and MoO showed that the conversion over GaO

was considerably higher than that for MoO . �is is consistent with the ability of GaO

to activate alkanes. On the contrary, MoO alone was very selective for propane oxidative
dehydrogenation to propylene.

�e combination of the oxides into the GaO/MoO catalyst combines the beneficial
properties of increased oxidation rate over GaO with the selective oxidation function of
MoO in a beneficial manner. Furthermore, the combination of two oxides demonstrated
a synergistic effect to produce a marked increase in propylene yield.

As it could be concluded, many different catalytic systems have been studied in an at-
tempt to understand and improve the process of the oxidative dehydrogenation of propane.
To illustrate this, an overview of the selectivity to propylene reached at a certain propane
conversion for the most commonly used catalytic systems for the oxidative dehydrogena-
tion of propane has been presented in Figure .. Note that different temperatures, extent
of dilution (i.e. propane inlet concentration) and propane/oxygen ratios were used in the
different references. �e effect of the operating conditions is detailed in the next section.
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Figure 2.1: Selectivity to propylene as a function of propane conversion for different catalyst sys-
tems. Numbers in the figure correspond to the numbers given in the first column of Table .. �e
GaO/MoO catalyst used in this research is clearly indicated in the figure.

As can be discerned from the figure, most of the catalysts have a performance around
% propylene yield. Only few of the catalytic systems are more active and give % or
higher yield, which is, however, from an industrial perspective still far below the limits for
commercialization.
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Compared to the other catalytic systems shown in Figure ., the GaO/MoO cata-
lyst used in this research is in terms of performance in the range of numerous other cat-
alysts with a propylene yield of about %, however, this catalyst is very easy to prepare
(see chapter ).

Table 2.1: Selectivity to propylene as a function of propane conversion for different catalytic systems
at moderate temperature levels, taken from Cavani et al. [43]

№ T, [°C] catalyst C3H8:O2 :D D Ftot ref.

1 550 V-MCM-41 4:8:88 He 75 [44]

2 500 V2O5/K-SiO2 7:19.5:73.5 N2 − [29]

3 550 Mo/Li/O-Al2O3 4:4:92 He 100 [45]

4 650 Mg/Dy/Li/Cl/O 10:10:80 He 10 [46]

5 300 Ce/Ni/O 4:8:88 N2 100 [20]

6 500 Ga-USY 12:6:82 He 100 [47]

7 580 Ga-MFI 12:6:82 He 100 [48]

8 450 Ni/Mo/O-V-MCM-41 10:10:80 He − [49]

9 450 Ni/Mo/O-V-MCM-41 + N2O 10:10:80 He − [49]

10 450 Ni/Mo/O + Sb/O + N2O 10:10:80 He 30 [50]

11 550 Cr-MCF silica 1:1:4 N2 12.5 [51]

12 550 Cr-MCM-41 1:1:4 N2 12.5 [51]

13 650 Li/MgO 10:10:2a :78 He 30 [52]

14 550 MoO3(Cl)-SiO2/TiO2 26:13:61 N2 25 [53]

15 500 Co/Mo/O-MCM-41 4:1:10 He 75 [54]

16 300 Ni/Ti/O 1.1:1:4 N2 15 [55]

17 275 Ni/Zr/O 1.1:1:4 N2 15 [56]

18 500 Cr2O3-kieshelgur 20:5:50 He 75 [57]

19 470 MoO3-Al2O3 5:57:38 He 90 [58]

20 550 Mn/P/O 4:1:10 He 75 [59]

21 500 MoO3/K-ZrO2 8:8:59 Ne 75 [60]

22 550 Na/W/O-SiO2 4:1:10 He 75 [61]

23 600 Mn/Mo/O 29:15:56 N2 100 [62]

24 500 P/O-C nanofibers 4:8:88 Ar 100 [63]

continued on next page
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№ T, [°C] catalyst C3H8 :O2:D D Ftot ref.

25 560 Co/W/O 9:9:42 N2 60 [64]

26 560 Ni/Mo/O 9:9:42 N2 60 [65, 66]

27 460 Ga/Mo/O 2:1:8.5 He 40 [42, 67]

28 535 Mg/Mo(V)/O 39.9:13.3:79.8 N2 133 [68]

29 450 Cr2O3-Al2O3 4:1:10 He 75 [69]

30 420 Cr/Mo/Cs/O-Al2O3 20:5:50 He 75 [70]

31 500 Cr2O3-Al2O3 4:1:10 He 75 [71]

32 450 Co/Sr/O-hydr. apatite 14.5:4.1:82.7 He 30 [72, 73]

33 500 Ag/Mo/P/O 3:1:4 N2 40 [74]

34 550 MoO3-SmVO4 4:4:92 He 50 [75]

35 600 Mo/Mg/Al/O (from HT) 18:9:73 He 25–100 [76]

36 550 MoO3/K-SiO2-TiO2 2:1:Xb N2 25 [77]

37 550 TS-1 4:30:30:36c N2 300 [78]

38 450 Cr2O3-Al2O3 4:1:10 He 75 [79]

39 450 Cr/Mo/O-Al2O3 4:1:10 He 75 [80]

40 500 MoO3-Al2O3 4:4:92 He 100 [81]

41 420 Ni/Co/Mo/O 14:15:71 He − [82]

a CO
b dilutant content varied, while propane:oxygen ratio kept constant
c water
Ftot — total flowrate, ml/min

2.3 Process conditions

�e conversion of propane and the selectivity to propylene varies considerably between
these different systems and is strongly influenced by the experimental operating condi-
tions: temperature, pressure, gas composition, reactant partial pressure, extent of dilution,
etc. Some of these aspects are briefly discussed here.

2.3.1 Influence of gas composition

�e research peformed by Burch and Crabb [] on the influence of the air/propane ratio
on the product distribution show that if the propane/air ratio is increased from : to :,
the conversion of propane tends to rise first and then fall, which can be explained by to-
tal consumption of oxygen at the higher propane/air ratios. At each value of conversion
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the selectivity to propylene varies in inverse relation to the conversion, i.e., as the conver-
sion increases, the selectivity decreases. Changing the value of the propane/oxygen ratio
(see Table .) changes also selectivities to carbon oxide products, favoring their forma-
tion when excess of oxygen is present in the system. �e main reason for that is the fact
that with an excess of oxygen, catalyst remains in a highly oxidizing state, enabling fast
oxidation of propane to carbon oxides, instead to propylene. Important is also to mention
is that the selectivity to carbon monoxide raises, when the propane/oxygen ratio falls.

Table 2.2: Conversion and selectivity in the catalyzed ODHP over V52/MgO for different propane/air
ratios at 773 K taken from Burch and Crabb [84]

propane/air propane selectivity [%]

ratio conversion [%] CO CO2 C2H4 C3H6

3:1 4.0 10.9 28.2 0.9 60.1

2:1 5.2 13.3 27.7 1.0 58.0

1:1 9.9 15.2 28.4 1.1 55.3

1:2 9.2 16.7 30.9 − 52.4

1:3 8.1 17.0 31.3 − 51.6

2.3.2 Influence of temperature

In non-catalytic systems, pyrolysis of propane was investigated [] in order to show that
under these conditions a high yield of propylene cannot be obtained. Only a small con-
version was observed even with temperatures above  °C and the yield was only about
.%. �e combined selectivity to methane and ethane is about %. Adding air to feed
increased the yield significantly, while the temperature could be kept – °C lower.

In contrast to the non-catalytic system for the pyrolysis of propane, the oxidative de-
hydrogenation of propane over a redox type catalyst occurs even below  °C. Compared
to the autothermal reaction concept, higher selectivities can be obtained []. Compari-
son of catalytic performances in ODH of propane, for different temperatures, taken from
Leveles [] is given in Table . showing that the increase in temperature improves the
selectivity and yield of olefins, but, at the same time, increases the content of COx in the
system.

2.3.3 Influence of pressure

According to the work of Leveles et al. [], the rate of production of propylene (and
other products during theODHP) over lithiumpromotedmagnesia catalyst varies linearly
with the propane partial pressure in the range of  to . bar. �is indicates a first order
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Table 2.3: Influence of temperature on the selectivity to propylene in the catalyzed ODHP over MgO-
based catalysts taken from Leveles [86]

catalyst propane con- selectivity [mol%] olefin yield
T [°C]

composition version, [mol%] C=
3 C=

2 COx [mol%]

Mg-Dy-Li-Cl 20.1 51.6 28.2 17.3 16.0

600 Mg-Dy-Li 27.9 42.7 28.8 22.7 19.9

MgO 19.5 18.8 24.4 54.7 8.4

Mg-Dy-Li-Cl 59.8 39.8 38.2 14.7 46.6

650 Mg-Dy-Li 59.8 29.1 34.1 26.2 37.8

MgO 39.1 21.1 33.0 39.9 21.1

Mg-Dy-Li-Cl 94.8 16.6 43.3 30.3 56.8

700 Mg-Dy-Li 81.0 18.1 35.7 32.3 43.6

MgO 64.5 20.0 33.9 31.2 34.8

reaction, where propane participates in the rate determining step. Above . bar the rate
of formation of propylene, ethylene and methane shows an exponential increase, while
the rates of formation of CO and hydrogen still vary linearly.

Variations in the oxygen partial pressure has a very complex influence on the rates of
formation of the products. �e rates of formation of propylene, ethylene and methane
increase steeply at very low oxygen partial pressure ( to mbar). Further increase of
the oxygen content in the feed influences the rates of formation of different products in a
different manner. Propylene continues to increase linearly with oxygen partial pressure,
while ethylene remains constant. Rate ofmethane formationdecreases with oxygenpartial
pressure, while at the same time the formation rate of the CO increases, according to
Leveles et al. [].

In the work of Barsan and �yrion [] the kinetics of oxidative dehydrogenation of
propane over a Ni-Co molybdate catalyst was investigated in an integral reactor by non-
linear regression techniques. By performing central composite design experiments, the
influence of propane and oxygen partial pressures, propane space–time and temperature
were studied. In order to study the influence of the oxygen partial pressure on the reaction
products, the propane partial pressure and the propane space–time were kept constant at
. bar and . g⋅s⋅µmol− , respectively while the oxygen partial pressure was varied
between . and . bar.

Several experiments were performed to understand the influence of the propane par-
tial pressure in the feed over the performance of the catalyst, varying the partial pressure
of propane between . and .bar, while the partial pressure of oxygen was fixed at
. bar and propane space–time was maintained at . g⋅s⋅µmol− .
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As a conclusion, a consecutive reaction network was proposed for ODHP, in which the
propylene is produced by the oxidation of propane, while carbon monoxide is produced
by the successive oxidation of propylene and carbon dioxide by the further oxidation of
carbon oxide. For the main reaction, ODHP, several kinetic models were studied and
the results showed that two surface oxido-reduction models (modifications of Mars van
Krevelen model) were the most suitable for ODHP.

2.3.4 Influence of gas dopes

�ere are dynamic effects that occur by introduction of small amounts of CO and NO
in the reaction feed during the oxidative dehydrogenation of propane to propylene on
NiMoO catalysts []. Recently, CO has been claimed to be an effective dope in the
oxidation of butane to maleic anhydride []. NO has been used as pure oxidant in the
oxidative coupling of methane to ethane [], in the transformation of benzene to phenol
[], or in the oxidation of ethene to epoxide [, ]. �e effects caused by the introduc-
tion of CO have been explained by:

. faster, more extended formation of an oxycarbonate phase and its regeneration,

. the formation of inactive carbonate species,

. the formation of an peroxocarbonate intermediate, which is a promoter for gas
phase oxidation reactions,

. a poisoning caused by competitive adsorption on the sites where oxygen (and pos-
sibly hydrocarbon) adsorbs and by the inhibition of molecular oxygen adsorption,

. the decrease of the formation of coke and

. the lower tendency for hydrocarbons to undergo deep oxidation.

On the other hand, based on indirect observations, it can be suggested that co-adsorbates
and gas dopes could modify the surface properties of the catalysts by:

. changing the coordination and the electronic properties of the superficial metal
atoms,

. a direct participation in the reaction mechanism,

. changing the acido-basicity of the oxides,

. blocking chemisorption sites, or

. inhibiting the diffusion of surface species towards reacting molecules [].
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CO promotes oxidation reactions probably via the formation of adsorbed oxygen species,
O(a), formed by the dissociation of CO on NiMoO . Catalysts in the presence of CO

work in a high oxidation state, increasing the propane conversion, but due to their strong
oxidizing character, the selectivity to propylene decreases. It has been found that the con-
version increases about %, but the decrease in selectivity to propane is %, which
means that the addition of CO has an overall negative effect.

In the presence of NO, catalytic sites work in a more reduced state. NO inhibits the
adsorption of O, so limiting the formation of non-selective oxygen species and/or the
oxidation rate of the catalysts. �is explains the increase in the yield of and selectivity to
propylene and the lower O consumption whenNO is added. It is not excluded that NO
(via the dissociated oxygen species) could also participate directly as oxidant. If this is the
case, the results, in particular at high NO concentration, must thus be regarded as due to
superposition of both above described phenomena.

2.4 Kinetics and kinetic models for ODH of light alkanes

A kinetic study of the oxidative dehydrogenation of alkanes is one of the ways to eluci-
date the reaction mechanism and to facilitate selection of the appropriate catalyst for this
type of reactions []. Previous studies have not explained entirely the mechanism of the
ODH of propane and some controversies in the determination of macroscopic steps of
the reaction still exist. �ough it is well known that the kinetic studies are not able to
unravel the molecular mechanism of the reaction, but they allow to exclude some of the
possible paths and to determine the reaction network. Nevertheless, kinetic studies were
o�en used in the past (and are still used) to provide useful information about the studied
reaction system and catalyst operation. On the basis of these studies one can define inter-
mediate products, the nature and quantitative participation of particular reaction routes
(parallel and consecutive reaction paths, branching of the reactions, etc.) which decide
about the selectivity of the process and one can also identify the rate determining step in
the sequence of consecutive reactions. �e macrokinetic model obtained in this way is
usually a good starting point for the description of a molecular mechanism.

As the basis for the development of rate equations, it is postulated that a gas phase
chemical reaction, when catalyzed by a solid, actually occurs on the surface of the catalyst
and involves the reaction of molecules or atoms that are adsorbed by the active centers of
the surface. In the heterogeneous gas-solid system, a catalytic reaction proceeds according
to Kiperman [] through the following stages:

. Diffusion of the reactants towards the surface of the catalyst

. Adsorption of the reactants on the surface

. Reaction on the surface
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. Desorption of the products from the surface

. Diffusion of the reaction products from the catalyst surface

It is evident that the rates of these five steps are dependent on different factors, de-
pending on the concentration or concentration gradients involved []. Stages  and  are
determined by, among other things, the flow characteristics of the system, such as mass
velocity of the fluid stream, diffusional characteristics of the fluid and degree of porosity
of the catalyst, dimensions of the pores, and the extent to which they are interconnected.
Stages  and  are determined by the character and extent of the catalytic surface and by
specific activation energies required for the adsorption and desorption of the components
of the gas phase. Stage  is determined by the nature and extent of the catalytic surface and
by the activation energies required for the reaction on the surface. If the second, third,
and fourth stages are slower than the diffusion processes, a realistic kinetic description
can be obtained, otherwise, the conversion rate equations will be dominated by diffusion
processes. �is means that kinetic constants will not be representative of the chemical
reactivity of the system. �e main models used for the kinetic description of oxidative
dehydrogenation of light alkanes are:

. Eley–Rideal model

. Langmuir–Hinshelwood model

. Gradual oxidation model

. Mars Van Krevelen model

A short description of the models is given in the Appendix.

�e kinetics of the ODH of propane under stationary conditions was analyzed for dif-
ferent systems containing vanadium, like V-Mg-O [], vanadium oxide supported on
AlPO [], VTiO [] and Mg-V-Sb-O []. In [], kinetics of ODH of propane was
investigated by a non-linear regression analysis using both, simple power law and mech-
anistic models. In the papers [, –] the kinetic studies were less extensive and only
the relative reaction rates or only qualitative information about the rate of this reaction
was provided. Andersson [] undertook an attempt to compare different models of the
ODH reaction on V-Mg-O catalyst, i.e. the redox model (Mars van Krevelen), the ad-
sorptive model (Langmuir-Hinselwood), and a simple pseudo-homogeneous power law
model. Probably due to a limited experimental basis confined to low propane conversions,
it was impossible to discriminate between the models. In [], the parallel-consecutive
scheme of the ODH of propane over VO/TiO and VO + Rb/TiO was applied. It was
assumed that the rate of the reaction is proportional to the concentration of propane and
independent of the oxygen concentration.

Kinetic studies of the ODH of propane on the V-containing catalysts by the tran-
sient method under non-stationary conditions [, ], have led to the conclusion that
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propane reacts directly from the gaseous phase with the catalyst oxygen and the desorp-
tion of the products from the surface of the catalyst is rapid, i.e. this step of the reaction
occurs according to the Eley-Rideal mechanism. On the other hand, the redox studies
have shown that reoxidation of the VOx/TiO catalyst at the surface layer is much more
rapid than the reduction of the catalyst by propane []. At stationary conditions, a small
degree of catalyst reduction is observed. �is shows that the reduction and reoxidation of
the catalyst occurs only at the surface layer, which in its turn suggests the application of
the steady-state adsorption model, as an adequate way of describing the reaction under
study.

2.5 Novel reactor concepts for ODHP

In addition to standard fixed bed reactors with premixed feed, other reactor concepts have
been proposed for the ODH of lower alkanes with claimed much better performances.
�ese are described in the next paragraphs.

2.5.1 Fluidized bed reactors

�ere are no data for the production of propylene in fluidized bed reactors, but there are
some data available about a very similar process for the production of maleic anhydride
from n-butane []. It is claimed that the fluidized bed reactors offer many advantages
over fixed bed systems. �e main advantages are:

. high heat transfer coefficient to particles and immersed surfaces

. ease of temperature control and elimination of hot spots and

. high C concentrations in the feed

�ese advantages result in a lower investment process, particularly for a large scale plant.
Several companies have developed fluidized bed processes (Mitsubishi, ALMA, Badger,
Sohio/UCB). All claimed to be able to produce maleic anhydride at a lower cost. Catalyst
losses due to attrition have been reduced, but generally at some penalty of lower selec-
tivity. Yield losses associated with backmixing are minimized, but not eliminated. �e
negative impact of lower yields would depend on n-butane price and the value of byprod-
uct steam at a given site. Some scale-up uncertainties remain, except when costly and time
consuming experience with very large demonstration plants is gained. Du Pont’s attrition
resistant catalyst and the circulating solids riser reactor technologies show a potential for
a major improvement in overall economics relative to the incremental improvements of
the fluidized bed processes.
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2.5.2 Circulating solids reactors

Recently Du Pont disclosed [] a new reactor concept for selective oxidation of n-butane
to maleic anhydride which reduces or eliminates most of the negative aspects of fluidized
bed reactors, while maintaining their advantages. Additional performance advantages are
derived by separating the two steps in the redox process.

Fluid bed

regenerator

Separator/Stripper

Riser Section

of Reactor

Reactor 

feed

Oxidized 

catalyst

Reduced 

catalyst

Air

Product

Figure 2.2: Solid riser reactor

Figure . shows a schematic of the circulating solids riser reactor used for n-butane
oxidation. VPO catalyst is continuously circulated around the loop. n-Butane is oxidized
by the catalyst in the lean phase, riser section which has plug flow characteristics. �e
catalyst is reoxidized in the dense phase fluidized bed regenerator. A very high n-butane
concentration in the feed gas is possible, and high selectivities are achieved. It is believed
that an important selectivity loss pathway involves highly active surface species, such as
O –

 and O – . Presumably some of these non-selective pathways are eliminated in this
reactor by carrying out the oxidation reaction in the absence of gas phase oxygen. Together
with the attrition resistant catalyst, the reactor is claimed to give higher than % maleic
anhydride yields, lower investment and superior economics relative to alternatives.

Advantages of circulating solids riser reactor

• Separate catalyst oxidation and reduction zones

– Independent control of two zones with catalyst in transient cyclic state
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– High selectivity. Low oxygen concentration in reactor and control of non-
selective oxygen species

– Concentrated product streams

* High hydrocarbon concentration in feed

* Product gas separate from regenerator off gas

– High throughput

– Low catalyst inventory

– No explosion problems

• Riser reactor zone

– High selectivity. Plug flow. No hot spots.

– No free board burning

– High turndown ratio

– Ease of scale-up

• Fluidized bed regenerator zone

– High heat transfer coefficient

– Good temperature control

Referring to Bharadwaj and Schmidt [] it is possible to obtain propylene from
propanewith a selectivity of about – % and apropane conversion of about  %. Ethy-
lene production dominates at high temperatures and long contact times, while propylene
production is maximized at lower temperatures and short contact times.

�is is explained by the fact that for propane and n-butane, β-alkyl elimination is fa-
vored over β-hydrogen elimination. When the primary carbon atom adsorbs, β-methyl
elimination of n-propyl and β-ethyl elimination of n-butyl lead toCH. Adsorption of the
secondary carbon atom results in CH from both alkanes (via β-hydrogen elimination
of adsorbed isopropyl and β-methyl elimination of adsorbed -butyl). At higher temper-
atures, more CH is formed, which is explained by the higher activation energy for CH

formation. Increasing the flow rates decreases the contact time and allows formation of
more CH . Just as with ethane, α-hydrogen elimination eventually leads to CH, CO,
CO and HO.

In these tests, Pt based catalysts were used, together with those based on Rh and Ni.
Contact times were about –ms at temperatures between  and  °C. Since the
fluidized bed reactor was operated close to the turbulent mode, these results should sim-
ulate the behavior of a large scale reactor operating in the turbulent regime fairly closely,
allowing straightforward scale-up. �e relatively short contact times would result in reac-
tor sizes at least an order of magnitude smaller than current commercial thermal pyrolysis



28 ∥ Chapter 2

furnaces. �e high selectivities, autothermal operation and absence of carbon formation
in fluidized beds provide an energy efficient alternate route to synthesize olefins from alka-
nes.

2.5.3 Membrane reactors

For the partial oxidation systems, different reactor concepts with membranes integrated
inside the reactor have beenproposed, with potentially evenmuch higher propane conver-
sions and propylene yields. Generally, membrane reactors can be classified into twomajor
groups: reactors with porous and dense membranes. �e permeability of porous mem-
branes is rather high, compared to dense membranes, while the permselectivity is only
moderate, if any. Due to the low values of permeability for dense membranes, the flux of
permeating gas (oxygen, in case of partial oxidation reactions) is normally increased by
electrochemical pumping.

A porousmembrane in themembrane reactor can be a catalytic active membrane (cat-
alytic membrane reactor, CMR), or an inert membrane (inert membrane reactor, IMR).

Two important domains where membrane reactors could be applied in order to im-
prove the performance compared to conventional reactor concepts are the following:

• dosing of a certain reactant into the reactor to enhance the selective formation of a
desired product and

• the selective extraction of a limiting reaction product in a reversible reaction outside
the reactor

�e case of optimized dosing, of a particular interest in this research, has been investi-
gated theoretically and experimentally for different partial oxidation systems. One exam-
ple is the oxidative dehydrogenation of ethane [], where theoretical results, based on a
simplified triangular reaction network revealed the potential for an increase of selectivity.
However, the experimental part of the research emphasized the need for more realistic
models, concerning both the selected reaction network and the individual rate equations.
�e reaction order appeared to play a decisive influence on the effect of the dosing of a
particular reactant.

In the formation of oxygenates by partial oxidations, the use of a catalytically active
membrane has been proposed in order to increase the selective formation of the oxy-
genated intermediate. [] �e gas mixture containing propane and oxygen was fed to
the axis of a porous cylinder supporting the catalyst layer, while the products were col-
lected on the outside of the device. Compared to the conventional fixed bed reactor, the
yield of acrolein increased six times, when the catalytically active membrane was suffi-
ciently small. �is result was a consequence of a residence time reduction in the reaction
zone, which interrupts the reaction network at an earlier stage, preventing further oxida-
tion.
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Catalytic membranes have also been studied in the partial oxidation of toluene as an
alternative to the main production route, the liquid phase oxidation, in order to reduce
the formation of by-products. []�e reported values of the reactor selectivity to ben-
zaldehyde are still very low. However, the selectivity versus conversion shows a significant
increase for the membrane reactor in comparison with a conventional fixed bed reactor.

In contrast to the investigations described before, the application of membrane re-
actors in the partial oxidation of butane aims at the improvement of a process already
realized industrially that gives unsatisfactory yields. �e use of inert membranes is pro-
posed to realize a locally distributed feed of one reactant, especially the oxidant. If the
oxygen is distributed through an inert membrane to a fixed bed of a typical VPO catalyst
[], the butane/oxygen ratio can be up to seven times higher than in industrial practice
where  to % butane in air is co-fed.�is is possible because the device is inherently safer
due to the hydrocarbon and oxygen mixing in the presence of solids, which are efficient
flame inhibitors. However, the yields remain poor, even though that the inert membrane
reactor may be considered as a “promising contactor”.

2.6 Conclusions

In this chapter a literature survey on important aspects concerning the catalysts, process
conditions and novel reactor concepts for the ODHP was presented.

Various catalytic systems were discussed and it was found that the combination of
the oxides into the GaO/MoO catalyst combines the beneficial properties of increased
oxidation rate over GaO with the selective oxidation function of MoO in a beneficial
manner. Also, this catalyst is very easy to prepare, while its performance is quite compa-
rable to the performance of other, much more sophisticated (hence expensive) catalytic
systems. However, kinetic data for this specific catalytic system have not been reported
in literature, therefore, for the assessment of the reactor concept, a kinetic study was per-
formed in this work, which will be discussed in the following chapter.

Research onprocess conditions showed that the oxidative dehydrogenation of propane
can be performed at moderate temperature levels, which is certainly a large benefit in
terms of energy utilization, in comparison to more conventional dehydrogenation pro-
cesses. Operation at atmospheric, or close-to-atmospheric pressure was also reported to
give optimal results. �is was then further used in the selection of conditions for experi-
mental work described in this thesis.

Commercialized reactor concepts used in today’s production of propylene have al-
ready been described in chapter . Alternatives to conventional packed bed reactors are
fluidized bed reactors and membrane reactors.
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2.A Kinetic models for the ODHP

2.A.1 Eley-Rideal model

According to the Eley–Rideal (ER)model [], equilibrated adsorption of speciesAon the
catalyst’s surface is assumed and next its subsequent reaction with molecules B provided
by the gas phase.

Ag
K←→ Aads (.)

Aads + Bg
kÐ→ Cads Ð→ Cg (.)

Applying the Langmuir assumptions for the adsorption of A, taking partial order for B as
one, and assuming a rapid desorption or low-coverage byproducts, the reaction rate can
be then expressed by

r =
kKpApB
 + KpA

(.)

or in the linearized form


r
=



kpB
( + 

KpA
) (.)
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2.A.2 Langmuir-Hinshelwood model

�is model (LH) is based on the findings of Langmuir []. During the s and s,
the kinetics used in the heterogeneous catalysis was based largely on the Langmuir lat-
tice model of a surface consisting of non-interacting adsorption sites. �ese so-called
Langmuir kinetics were developed by Hinshelwood []. He reasoned that chemisorbed
molecules remained on the surface for a longer time than molecules in close contact dur-
ing collision in a homogeneous phase; thus, the probability of attaining the required ac-
tivation energy is higher on the surface of catalysts than for molecules that react in the
homogeneous phase. �is type of reaction can be schematically depicted by the following
sequence of reactions

Ag + Bg ←Ð→ Aads + Bads (.)

Aads + Bads Ð→ Cads (.)

Cads ←Ð→ Cg (.)

�e Langmuir-Hinshelwood mathematical treatment is more difficult and starts from the
assumption that all stages but one, the rate-determining step (e.g., the surface reaction),
are very close to a thermodynamic equilibrium (pseudo steady-state assumption). �e
concentrations of the components prevailing in these equilibrium stages are interrelated
by the conditions for the chemical equilibrium. Different rate-determining steps are pos-
sible. For example:

. �e rate is determined by the rate of the adsorption of A:

r = kadsA ⋅ pA ⋅ ( − θA − θB − θC) (.)

while the equilibrium conditions apply to the other stages and components

KA ⋅ pA = θB( − θA − θB − θC) (.)

KC ⋅ pC = θC( − θA − θB − θC) (.)

Ksurf .react =
θC

θA ⋅ θB (.)

. �e rate is determined by the rate of the surface reaction:

r = k ⋅ θA ⋅ θB (.)

θA =
KApA( + KApA + KBpB + KC pC) (.)

and similar for θB and θC .
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. �e rate is determined by the rate of the desorption of product C:

r = kdesC ⋅ θC (.)

where θ i are calculated from the Langmuir expressions and are interrelated by the
equilibrium condition for the surface reactions. If all values of θ i in the above equa-
tions are expressed in terms of pressures of the components, one can finally obtain
the kinetic equation in the form:

r = f (pA , pB , pC , T , τ) (.)

which can be done only for rather simple cases.

2.A.3 Gradual oxidation model

�e process of oxidative dehydrogenation (ODH) may be regarded as a set of reactions
by which a molecule is gradually oxidized to the products of total oxidation. As a conse-
quence, dehydrogenation products represent intermediate products in the series of con-
secutive reactions. �e selectivity towards a certain product of ODH does depend on the
ratio of the rate constant of the formation and the subsequent reaction of this product.
Boutry and Montarna [] and�omas et al. [] advanced an idea that the consecutive
reactions occur on the surface of the catalyst. �is model was applied to the oxidation of
butene to maleic anhydride [].

Let A, B, and C be the reactants in the gaseous phase; θA, θB , and θC be the degrees of
the surface coverage of the corresponding reactants in adsorbed phase; k, k, and k be
the rate constants of the adsorption; k′, k

′
, and k′ be the rate constants for the desorption;

and kS and kS be the rate constants for the surface reactions. Taking into account that
the reaction orders with respect to the pressures of A, B, and C and to the concentrations
of the adsorbed phases θ i are  and assuming the presence of only one type of adsorption
site, one can write down equations for all surface coverages.

kApAθV = (k′ + kS) θA (.)

kθA + kpBθV = (k′ + kS) θB (.)

kSθB + kpCθV = k′θC (.)

where θV is fraction of the free adsorption sites and

θA + θB + θC + θV =  (.)

�e system of equations .–. can be solved for θ i and their values can be introduced
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in the differential equations for A, B, and C.

dpA
dt
= −k ⋅ pA ⋅ θV + k′ ⋅ θA (.)

dpB
dt
= −k ⋅ pB ⋅ θV + k′ ⋅ θB (.)

dpC
dt
= −k ⋅ pC ⋅ θV + k′ ⋅ θC (.)

�e system of differential equations .–. is usually solved numerically and the solu-
tions are fitted to the experimental data, which allows one to determine rate constants kA,
kB , and kC .

2.A.4 Mars Van Krevelen model

�e redox model was developed by Mars and Van Krevelen (MK) [] for naphthalene
oxidation. According to this model, oxygen for the reaction comes from the lattice of the
catalyst and the reduced catalyst is then reoxidized by gaseous oxygen. �ese two steps
can be represented schematically as follows:

. reduction of the oxidized catalyst

hydrocarbon + oxidized catalyst Ð→ products + reduced catalyst (.)

. oxidation of the reduced catalyst

oxygen + reduced catalyst Ð→ oxidized catalyst (.)

In the stationary state, the oxidation rate of the catalyst is equal to its reduction rate. �e
stationary state is determined by the ratio of the rate constants of both reactions. A steady-
state adsorption model (SSAM), which can be regarded as a surface variant of the MK
model, was developed by Shelstad et al. [] and applied also to describe kinetics of the
vapor-phase oxidation of o-xylene over the vanadium oxide catalyst. [, ] In this
model, a steady state is assumed between the rate of adsorption of oxygen on the surface
and the rate of removal of oxygen by the reaction with hydrocarbons from the gas phase.
Some additional assumptions can be made in this model, such as

. oxygen dissociates or

. oxygen desorption is not negligible.

�e ER, LH, and gradual oxidation model describe the catalytic reaction, while the redox
model concerns variations in the state of the catalyst. �e ER and LH models are the
concurrent models, while they are not concurrent with respect to the redox models (e.g.,
ER and SSAM), i.e., it is possible that reaction proceeds according to the ER-SSAMmodel.



3
Kinetics of the ODHP over Ga2O3/MoO3

based catalyst

A kinetic study of the ODHP over a GaO/MoO catalyst has been performed, aiming es-
pecially at reaction orders in hydrocarbons and oxygen. Reaction rates were experimentally
determined under differential reaction conditions for the catalyzed (GaO/MoO catalyst)
and non-catalyzed system. �e results obtained in this research showed that the reaction or-
ders in oxygen are higher for the side reactions, than for the main reaction, indicating that
distributive oxygen feed via a packed bed membrane reactor can be used to maximize the
propylene yield.
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3.1 Introduction

P
    are very complex systems, where numerous
reactions may take place. In such systems, oxygen plays an important role as the
reaction rates for both, target and waste product are strongly influenced by its

concentration. In the processes of ethylene epoxidation or selective oxidation of butane to
maleic anhydride, the reaction order in oxygen for the target product is higher than for the
waste product(s) [, ] and therefore these processes are operated with an excess of oxygen
to optimize the product selectivity. On the other hand, in the oxidative dehydrogenation of
ethylbenzene to styrene, or in the ODH of methanol to formaldehyde, the reaction order
in oxygen for the waste product is higher than for the target product [, ], requiring
thus low oxygen concentrations to maximize the selectivity toward the desired product.
However, this leads to low yields of target products and further improvements such as
distributive reactant dozing are necessary in order to have these processes commercially
attractive.

�e oxidative dehydrogenation of propane is no exception — the oxygen concentra-
tion has a large influence on product yields and distribution. For a better understanding
of the ODHP process, the complex reaction scheme may be simplified, without loosing
essential information. According to Chen et al. [, ] and Argyle et al. [], the overall
reaction scheme can be simplified as shown in Figure ..

C3H8

C3H6

COx

k1

k2

k3

Figure 3.1: Simplified reaction network for ODHP

Reactions in this system can be divided into three categories:

• reactions of propane, with propylene as a product

• reactions of propane, with epoxides and COx as products

• secondary reactions, or reactions of propylene, with COx as products
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Expressed in terms of chemical formulae, these reactions can be written as

CH + 
O Ð→ CH +HO r = kp

m
C
pn
O

(.)

CH + 
 ( x +  )O Ð→ COx + HO r = kp

m
C

pn
O

(.)

CH + 
 ( x +  )O Ð→ COx + HO r = kp

m
C =

pn
O

(.)

wherem and n represent the reaction orders in hydrocarbons and oxygen for the different
reactions, respectively.

Many researchers have focused on the development of highly selective catalysts for
the ODHP, however, the reaction kinetics has been investigated only in a limited number
of publications. [–] For the catalytic system containing GaO/MoO based catalysts,
reaction kinetics has not yet been reported.

�e main objective of this part of the research is to carry out an experimental study
to gain information on the reaction orders in the hydrocarbons and oxygen for the main
reaction and side reactions. �e obtained reaction kinetics data constitutes essential in-
formation for the numerical simulations and subsequent determination of optimal reactor
type for the ODHP.

Details on catalyst preparation and characterization are given in the first part of this
chapter. �e subsequent description of the experimental setup and its operation are fur-
ther followed by the presentation and discussion on the experimental results.

3.2 Catalyst

3.2.1 Preparation

For catalytic experiments, an equimolar mixture of GaO (Aldrich, .% ) and MoO

(Aldrich, .%)was used. Components were thoroughly ground in a pestle andmortar,
a�er which tablets were pressed. �ese tablets were then crushed and sieved to obtain a
particle size of .–.mm. Subsequently, the catalyst was calcined at K for  hours
in an oxidizing helium/oxygen (: volume ratio) atmosphere. �is material appeared to
be very weak and attrition was a common problem in the experimental work.

3.2.2 Characterization

Powder X-ray diffraction

Provided that amaterial is sufficiently crystalline to diffract X-rays (crystallites larger than
– nm) and is present in an amount greater than ∼  %, X-ray diffraction can be used for
qualitative and quantitative chemical phase analyses. []�e principle of this technique
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is that crystal structures consist of planes formed by repetitive arrangements of atoms,
which are capable of diffracting X-rays. �e angles of diffraction differ for the various
planes within the crystal, so actually every (crystalline) compound has its own diffraction
pattern. �e differences in these patterns allow us to determine various structures of the
catalyst.

In this research, the catalyst was characterized by XRD, on a Panalitical X’Pert-APD
diffractometer equipped with a curved graphical monochromator using Cu Kα radiation.
�e conditions were: a voltage  kV, a tube current mA, a scanning interval . ○,
a scanning angle θ = – ○ and a scanning step time . s. �e diffraction patterns
for fresh catalyst is shown in Figure .. As it can be observed, the catalyst shows mainly
MoO peaks, while GaO peaks are low in intensity and almost invisible. �e pattern
obtained from XRD experiments matched the pattern shown in the work of Davies and
Taylor [], while the characteristic peaks are in good agreement with reference peaks for
each compound, which are obtained from the database of the International Center for
Diffraction Data.

Powder X-ray diffraction of a used catalyst (see Figure .), a�er the experiments,
shows strong presence of MoO as a result of the reduction of Mo(VI) to Mo(IV) during
the oxidative dehydrogenation reactions. Again, MoO peaks are of much higher inten-
sity compared to GaO peaks. �is qualitative description is further quantified in TGA
experiments, described in the following paragraph.

TGA measurements

A very convenient method to determine the oxidation state of a certain component of
the catalyst is to reduce or oxidize a sample in a controlled environment and measure the
weight change by a microbalance. �is technique is known as thermogravimetric analysis
(TGA). [] A reactive gas is introduced to the inert gas stream and the corresponding
weight changes are monitored. Since the total quantity of the active catalyst component is
known, the fraction of accessible active sites can be easily calculated. In this research, the
catalyst behavior under oxidizing conditions was determined on a Mettler-Toledo TGA-
SDTA instrument. Samples of –mgwere placed in a  µg alumina holder. Total flow
of oxygen used for analysis was ml/min, while the temperature was increased to K
with a ramp of K/min. Analysis was performed at atmospheric pressure.

From the Figure . it can be clearly seen that a significant mass loss occurs at a tem-
perature of about K for both, fresh and used catalyst. �is irreversible mass loss is a
consequence of MoO sublimation (∼K) and later evaporation from the liquid phase
(K). From this graph wemay also conclude that in the temperature range used in this
research (≤ K) the catalyst is very stable and even hot spots which may occur during
the catalyst regeneration cannot seriously damage the composition/structure ofmacro cat-
alyst bed. �e increase of mass for the used catalyst came as a consequence of re-oxidation
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Figure 3.2: XRD pattern for the fresh GaO/MoO catalyst
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Figure 3.3: XRD pattern for the used GaO/MoO catalyst
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Figure 3.4: �ermogravimetric curves for fresh and used catalyst

of MoO to MoO : calculation shows that for an equimolar mixture of GaO and MoO

the expected mass increase due to the re-oxidation of MoO to MoO is ∼wt%, which
corresponds also qualitatively to the data shown in the next section.

Specific surface area

Surface area, pore size and pore volume are among the most important properties of a cat-
alyst because they determine the measure of its internal surface available to accommodate
active sites, accessibility of the active sites to reactants and the extent to which transport
of products from the catalyst surface to the bulk fluid is facilitated.

�emost common procedure tomeasure the surface area and pore size is certainly gas
adsorption — for determining the internal surface area of a mesoporous material, with
surface area in the range of –m/g. �e method is based on the adsorption and
condensation of N at the temperature of liquid N using static vacuum procedures. �e
sample, enclosed in a glass cell is first evacuated, or purged with inert gas while heated to
–K and then cooled to about K with a container of liquid nitrogen. �e partial
pressure of N above the sample is gradually increased and the amount of N adsorbed
(and equilibrated!) at each pressure increment is recorded. �e process is then reversed,
i.e. the pressure is gradually decreased and curves similar to those shown in Figure . are
obtained.
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Figure 3.5: BET adsorption curve for the GaO/MoO catalyst

Specific surface areas were measured on a TriStar  V. A instrument by N

adsorption at K according to the BET theory. Catalyst surface areas determined by the
BET method showed that the fresh catalyst (Figure .) has a surface area of .m/g,
which is an expected value for : physical mixture of GaO and MoO . �e surface area
of catalyst a�er  cycles of a  hours lasting experiment has somewhat decreased, to the
value of .m/g, which can be explained by sintering of the catalyst particles during the
reaction ( and K) and regeneration (K) cycle.

3.3 Experimental setup

For research on optimal process conditions and subsequent kinetic measurements, an ex-
perimental setup was constructed. �is setup, shown in Figure ., has two main sec-
tions: top, preheating section (R) and bottom, reaction section (R). Feed, consisting of
propane and oxygen, diluted with helium, entered the reactor via the top of the preheat-
ing section. Both sections were equipped with a quartz liner of mm in diameter to avoid
possible side reactions with the steel reactor walls.

Four Brooks  mass flow controllers were used to regulate the gas composition,
before entering the preheating section of the setup. Adjusting a three-way valve a�er the
mass flow controllers, it was possible to bypass the reactor, which was used to determine
the exact concentrations of the gases in the feed. Pressure was regulated using valve PR.
�e experimental setup was designed to withstand a maximum pressure of  bar, but
was normally operated at the atmospheric pressure. Two independent ovens of . kW
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Figure 3.6: Schematic overview of the experimental setup used in this research: R– — Reactor
sections, MFC– —Mass flow controllers, T– — Temperature controllers/indicators, C– — Con-
densers, PR — Pressure regulator, GC — Gas chromatograph

were used for heating the reaction and preheating sections of the reactor to a maximum
temperature of K. Ovens were controlled by Eurotherm e controllers connected to
K-type Chromel/Alumel thermocouples. �e operating temperature in all experiments
did not exceed K, except for the catalyst activation/regeneration, when it was set to
K.

A�er cooling to room temperature and removing condensed water from the stream,
the reaction products were analyzed using a Varian MicroGC . A molsieve  A col-
umnwas used for the detection of oxygen, nitrogen, methane and carbonmonoxide, while
a AlO/KCl column measured the ethane, ethylene, propane and propylene concentra-
tions. �ermal conductivity detectors were attached to both columns and absolute con-
centrations were obtained from the chromatogram peaks. It is also important to mention
that for an accurate analysis, water removal was crucial, since the GC columns are very
sensitive to the presence of water vapor. �e relative accuracy of the gas concentrations
measured with the chromatograph was within % and it was regularly checked by analyz-
ing a gas mixture of known composition.

Due to the possible inhomogeneity in reactor temperature caused by the tubular oven,
the temperature profile was experimentally determined. An indicator thermocouple was
sequentially moved along the reactor in steps of  centimeters and the temperature was
recorded for each point, while the thermocouple used to control the reactor temperature
was placed in the middle of the reactor. �e temperature profile measured under non-



52 ∥ Chapter 3

0 5 10 15 20 25 30
450

455

460

465

0 5 10 15 20 25 30
450

455

460

465

 

 

te
m

p
e
ra

tu
re

, 
o
C

position, cm

Figure 3.7: Experimentally determined temperature profile in the reactor

reactive conditions (helium flow of ml/min) is shown in the Figure .. Since the top
and bottom sections showed larger deviation from the temperature set-point, these sec-
tions (shaded area in the figure) were not used in catalytic experiments.

For the section outside the shaded areas shown in the previous figure, the heating oven
provides an approximately constant temperature profile.

3.4 Experimental conditions

It is important to mention that mixtures of hydrocarbons and oxygen are flammable and
may explode within certain composition limits []. Mixtures of propane and air are
flammable between propane/oxygen ratios of . and . (see Figure .) and as the
amount of nitrogen diluent decreases, the flammability limits widen. Mixtures of propane
and (pure) oxygen are flammable between propane/oxygen ratios of . and .. Some
experimental data on auto-ignition of propane/air mixtures at atmospheric pressure can
be found in the work ofMullins [], while high pressure data can be found in the research
of Kong et al. [], Norman et al. [] and Cadman et al. [].

Since the operation of the reactor within the flammability limits may lead to a severe
hazard, special care has been taken. �e experiments may either be performed in the
propane-rich regime, where propane/oxygen ratios are greater than the upper flammabil-
ity limit, or in the oxygen-rich regime, where propane/oxygen ratios are lower than the
lower flammability limit. Having in mind that excess of oxygen in this particular system
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Figure 3.8: Flammability range of a propane-air mixture as a function of propane/oxygen ratios and
dilution with nitrogen— the operating region of experiments performed in this research is far from the
flammability region

would lead to the total combustion of propane to carbon dioxide and water, it is obvious
that the operating range of experiments is the propane-rich regime. �us, experiments
were performed with a propane/oxygen ratio exceeding ., assuring operation outside
the flammability limits.

In order to obtain reliable results, which can further be used in explaining ODH reac-
tion kinetics, a thorough planning of experiments had to be done. Since it is known (see
subsection ..) that conversion and selectivities are strongly temperature dependent, a
series of screening experiments was carried out.

�e process was examined in the temperature range of –K, at a propane par-
tial pressure of  kPa, while keeping the propane to oxygen ratio equal to :. �e main
products detected were propylene and carbon monoxide, accompanied by small amounts
of ethylene and carbon dioxide. As can be seen from Figure ., the conversion has an
exponential increase in the temperature range studied, which is in agreement with results
fromDavies and Taylor [] obtained with the same catalyst. �e performance of this cat-
alytic system in comparison to other catalytic systems was already discussed earlier (see
section . at page ).

�e importance of axial mass dispersion was checked using the criterion suggested by
Mears [],

L

dp
> nDax

dpus
ln

Cinlet

Coutlet
(.)

and it has been found that due to the small conversion (differential operation) the axial
mass dispersion in the laboratory reactor used in this research does not affect the results.
�e existence of internal mass transfer limitations was tested using the effectiveness factor
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Figure 3.9: Conversion as a function of temperature in ODHP over GaO/MoO based catalyst
(p =  bar, CH:O = :)
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Figure 3.10: Selectivities to the main reaction products as a function of temperature in ODHP over
GaO/MoO based catalyst (p =  bar, CH:O = :)
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η, which was calculated on the basis of the derived kinetics.

η =
ϕ − tanh(ϕ)
ϕ tanh(ϕ) (.)

It was found that η is close to one (η > .).

According to Gunn [], a gas-to-particle heat transfer coefficient can be estimated by

Nu = ( − єg + єg)( + .Re.Pr.) + (. − .єg + .єg)Re.Pr. (.)

while the existence of temperature gradients inside catalyst particles was tested apply-
ing the criterion developed initially by Anderson []

∣∆Hr ∣Rd
p

λsTs
< .

TsR

Ea
(.)

which showed that the catalyst particles are practically isothermal. �us, kinetics were de-
termined at intrinsic kinetic conditions, since internal and external mass and heat transfer
limitations were absent.

Discussing the selectivity to desired reaction product, it is clear that the selectivity to
propylene tends to fall with increasing temperatures. At the same time, the selectivity to
undesired carbon monoxide increased with a temperature increase, which is shown in
Figure ..

�e experiments in an empty reactor were also performed, under the same conditions
as for the catalyzed system. Below K, no activity was observed. At temperature levels
of K and K the conversion of propane was ∼  % and ∼ .%, respectively. Similar
results were found earlier in work of Burch and Crabb [], where the ODHP in an empty
reactor was examined in the range –K. Propane conversion detected at K was
found to be .%, while at K it was even %. No reaction was recorded in an reactor
filled with inert (quartz) particles. For easier understanding of the results discussed, an
overview of the experiments performed is shown in Table ..

Table 3.1: Schematic overview of experiments performed

propane, kPa propylene, kPa oxygen, kPa dilution catalyst

60 − 10–40 ✓ 2.6 g

70 − 5–25 ✓ −
30–70 − 20 ✓ 2.6 g

20–65 − 20 ✓ −− 60 10–35 ✓ 2.6 g− 15–60 20 ✓ 2.6 g
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�e catalyst was also tested for stability in experiments performed for a longer pe-
riod of time. A�er an initially high propane conversion, which is the consequence of
relatively large amount of highly active oxygen species from MoO , the conversion be-
comes constant and shows almost no variations during the experimental cycle, as shown
in Figure .. In the research that followed, a fixed temperature of K was chosen for
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Figure 3.11: Stability of the catalyst — propane conversion as a function of time at  K (p =  bar,
CH:O = :, mcat = . g, Ftot =  ml/min)

studying characteristics of the ODHP process over GaO/MoO catalysts, as well as in
the empty reactor. �is temperature was chosen because the conversion of propane is
significant, while at the same time the selectivity to propylene is reasonably high (see
Figure .).

It should also be mentioned that a mixture of gallium oxide and molybdenum oxide
was very difficult to pelletize and make particles of a desired size. �e material appeared
to be sensitive to attrition, so the particles very easily disintegrated and became a powder.

Although smaller particles would reduce possible mass transfer limitations, problems
may arise from the increase in the pressure drop over the bed:

• In the case of premixed feed in a quartz or (dense) alumina reactor (without amem-
brane), powdered catalyst easily form larger aggregates, forming a considerable re-
sistance to gas flow (see Figure .). �is further increases the pressure drop over
the packed bed and may also lead to breakage of the reactor tube.

• In the membrane reactor, if the pressure drop over the packed bed is higher than
the transmembrane pressure difference, the gas from the tube side can easily bypass
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the catalyst, as schematically depicted in Figure .. In this way a considerable
amount of reactants may be lost and in this particular case may even form explosive
mixtures.

3 8
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3 8 2
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Figure 3.12: Schematic representation of bypassing in the membrane reactor. Catalyst aggregates may
form a barrier which causes a large pressure drop and forces propane to the shell side, where it is mixed
with oxygen. Gases permeate back to the tube side, in case of a dead end shell configuration.

In the experimental work, these problemswere circumvented by frequent replacement
of the catalyst.

3.5 Kinetic experiments

Having estimates of temperature and (partial) pressure ranges which are suitable for the
kinetic study, an experimental programwas carried out taking into account the following:

• �e conversion of all reactants was kept low in all experiments, so that the operating
conditions may be considered as differential (facilitating the interpretation of the
experimental results).

• �e reaction temperature was kept constant at K during the reaction cycle.

• Every experiment lasted for  h — data collection started a�er one hour, since this
is the period necessary for the catalytic activity to achieve a steady state. �us, the
reaction kinetics determined from the experimental data describes the steady state
reaction rates, and not the initial reaction rate.

• Regeneration of the catalyst was performed a�er every experiment by increasing
the temperature to K and changing the feed to helium/oxygen : mixture for a
period of two hours.

• No change in catalytic activity was found during the long lasting ( h) and repeated
experiments.
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3.6 Results and discussion

3.6.1 Reactions of propane

�e key reactions of propane and the appropriate kinetic rate expressions in the form of a
power law can be written as

CH + 
O Ð→ CH +HO rC = = k ⋅ pn

O
⋅ pm

C
(.)

CH +  
O Ð→ CO + HO rCO = k ⋅ pn

O
⋅ pm

C
(.)

�e partial pressure of oxygen, pO
remained almost unchanged during the experi-

ments (conversion well below %), so pseudo reaction rate constant can be defined as

kC
= k ⋅ pn

O
(.)

kCO = k ⋅ pn
O

(.)

so the reaction rates can be reduced to

rC = = kC
⋅ pm

C
(.)

rCO = kCO ⋅ pm
C

(.)

Propane partial pressure variation

�e reaction rate of propylene formation during the oxidative dehydrogenation reaction
showed a less than proportional increase with an increase of propane partial pressure. In
the range of (propane partial) pressure studied, i.e. – kPa, it has been found that in
the catalyzed ODHP the reaction order in propane is . for the reaction of propylene
formation, while for the reaction of CO formation the reaction order was negative and
approximatelly equal to−. . In the non-catalyzed (empty) system, the reaction order in
propane for the propylene formation (equation .) was found to be almost twice as high,
.. Reaction orders and pre-exponential coefficients determined from the experimental
data by standard non-linear regression are summarized in Table ..

Keeping the oxygen concentration constant, it is obvious that an increase in the propa-
ne concentration leads to an increase in the propylene reaction rate. As shown inFigure .,
it appears that at higher propane partial pressure levels the relative increase in the rate of
propylene production is lower compared to the one at lower propane partial pressures, i.e.

∆rC =
∆pC

∣
high pC



<

∆rC =
∆pC

∣
low pC



(.)

which is probably due to the saturation of catalyst active sites with propane. At the same
time, the rate of CO formation decreases. �is may result from the fact that the propylene
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Figure 3.13: Conversion rate of propane to propylene and carbon monoxide in the catalyzed and
non-catalyzed ODHP at  K as a function of propane partial pressure (pO
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Table 3.2: Reaction rate parameters for the catalyzed and non-catalyzed ODHP at 733 K (component
partial pressure in kPa, reaction rate in mol/gcat ⋅ s)

reaction k m n

catalytic

C3H8 + 1
2O2 Ð→ C3H6 +H2O 4.89 ⋅ 10−10 0.74 0.35

C3H8 + 3 1
2O2 Ð→ 3CO + 4H2O 5.88 ⋅ 10−10 −0.22 1.22

C3H6 + 3O2 Ð→ 3CO + 3H2O 9.69 ⋅ 10−11 0 1.21

non-catalytic

C3H8 + 1
2O2 Ð→ C3H6 +H2O 5.87 ⋅ 10−12 1.36 1.13

C3H8 + 3 1
2O2 Ð→ 3CO + 4H2O 2.83 ⋅ 10−13 0 2.99

C3H6 + 3O2 Ð→ 3CO + 3H2O − − −
formed is stronger adsorbed at the catalyst surface (see Barsan and �yrion []) and in
this way reduces the direct oxidation of propane to carbon oxides.

Oxygen partial pressure variation

Since the partial pressure of propane, pCH
remained almost unchanged during the ex-

periments with different oxygen inlet concentrations(propane conversion less than %),
the reaction rates are

rC = = k
′
C
⋅ pn

O
(.)

rCO = k
′
CO ⋅ pn

O
(.)

from which the reaction orders in oxygen, n and n were determined via standard non-
linear regression.

From the Figure . can be seen that the reaction order in oxygen is higher for the
formation of carbonmonoxide than for the formation of propylene. �e dashed line repre-
sents the total carbon monoxide formation rate, from both propane and propylene, while
the solid line represents only carbon monoxide obtained directly from propane. �e to-
tal carbon monoxide formation rate was determined from experiments with propane and
oxygen in the feed, while the amounts which come only frompropane are calculated based
on additional (experimental) information on carbonmonoxide production rates in the re-
action of propylene and oxygen under the same conditions.

Here it can be concluded that the the amount of the carbonmonoxide produced in the
primary reaction of propane and oxygen increases with an increase of the oxygen partial
pressure, however, also a significant amount of CO is formed via secondary reactions (see
Figure .) of propylene oxidation.



Kinetics of the ODHP over Ga2O3/MoO3 based catalyst ∥ 61

Summarized pre-exponential factors and reaction orders in oxygenwere already given
in Table ..

3.6.2 Propylene reactions

In order to further examine the process of oxidative dehydrogenation of propane, a series
of kinetic experimentswas performedwith propylene and oxygen as reactants (see eq. .).

In the first of two series of experiments, the oxygen concentration was varied while
the propylene concentration was kept constant and in the second series the propylene
concentration was varied under constant oxygen partial pressure.

In a general case, the reaction rate for the reaction of propylene combustion (eq. .)
can be expressed as follows:

rCO(C = ) = kCO(C = ) ⋅ pn
O
⋅ pm

C =
(.)

Here, a subscript CO(C=
 ) is used to indicate the CO formation from propylene.

Both catalyzed and non-catalyzed systems were examined, however, for the non-cata-
lyzed system at K no reaction was observed.

Propylene partial pressure variation

�e variation of the propylene partial pressure, as shown in Figure ., did not have a
significant influence on the reaction rate. �e reaction order in propylene was close to
zero, which may occur if the catalyst surface is saturated with propylene. [] At the same
time, this indirectly confirms the observation about the absence of gas phase reactions —
if the gas phase reactions would occur, then the reaction rate would also be influenced by
the variation of the propylene partial pressure.

Oxygen partial pressure variation

On the other hand, variation of the oxygen partial pressure had amuch larger influence on
the reaction rate. An increase of the oxygen partial pressure was followed by an increase
in the reaction rate with an order in oxygen close to one (see Figure .). A large excess of
propylene turns oxygen into a limiting reactant, so variations in its concentration strongly
influence the reaction rates.
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Figure 3.14: Conversion rate of propane to propylene and carbonmonoxide in the catalyzed and non-
catalyzed ODHP at  K as a function of oxygen partial pressure (pcatC
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Dashed line indicates total CO formed from both propane and propylene.
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Figure 3.15: Conversion rate of propylene to carbon monoxide in the catalyzed ODHP at  K as a
function of propylene partial pressure pcatO
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3.7 Reaction mechanism and kinetic model

3.7.1 Homogeneous reactions

Gas phase reactions, i.e. reactions in the absence of catalyst proceed via a radical mech-
anism [, ]. Although it would be expected that no radical reaction proceeds at the
temperature level of only K, which was used in the experiments described before, it is
very likely that the oven heating mechanism is responsible for the ignition of radical re-
actions. Temperature level maintenance by the thermoregulator works in a way such that
the oven is repeatedly turned on and off around the desired temperature, keeping very low
difference between desired and actual temperature in the reactor. However, the radiation
heat transfer caused by the oven’s red-hot wires can be sufficient for instantaneous tem-
perature increase which then “ignite” the radical type governed processes and start the
gas phase oxidative dehydrogenation reactions. However, in the reactor filled with quartz
particles, no reaction was observed.

Having in mind that the oxidative dehydrogenation is a slightly exothermic reaction
(the reaction heat is ∆Hr(K) = −.kJ/mol, according to Barsan and�yrion [])
it is obvious that once started, reaction can easily produce a high adiabatic temperature
rise. �e adiabatic temperature rise can be calculated with

∆Tad =
(−∆Hr) c

ρCp
χ (.)

with the resulting temperature difference of ∼ K. �is, at the end, provides a higher
temperature level in the reactor and explains why the radical reactions can actually occur.

�e radical reactions are initiated by splitting of a propane molecule into ethyl and
methyl radical, which can further react with a new propanemolecule and form (iso)propyl
radical []:

CH ←Ð→ CH
●
 +CH ● (.)

CH
●
 (CH) +CH ←Ð→ CH

●
 +CH(CH) (.)

A�er a propyl radical is formed, it can react with oxygen and form propylene, while
ethyl radicals in the similar reaction form ethylene:

CH
●
 +O ←Ð→ CH +HO● (.)

CH
●
 +O ←Ð→ CH +HO● (.)

HO● +CH ←Ð→ HO +CH
●
 (.)

Two HO ● formed in reactions . and . can undergo a disproportionation reaction,
where one molecule of hydrogen peroxide is formed:

HO● +HO● ←Ð→ HO +O (.)
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�is is a termination step, where two chain carriers are being removed, however, it can
also be a possible source of new radical species, according to the following equation:

HO +M←Ð→ OH ● +OH ● +M (.)

OH ● can, in reaction with propane form again (iso)propyl radical:

OH ● +CH ←Ð→ HO +CH
●
 (.)

�e increase in the propylene concentration with the increased oxygen inlet concen-
tration is also in agreement with works of Taylor and Kulich [], Niclause et al. [] and
Blakemore et al. [].

3.7.2 Catalyzed reactions

Creaser and Andersson [] investigated the ODHP over a VMgO type catalyst, also con-
sidering a consecutive reaction scheme, and found that several Mars-van Krevelen type
models fit the experimental data, but were unable to distinguish between them. Pantazidis
and Mirodatos [] and Pantazidis et al. [] suggested a parallel reaction pathway for
ODHP reaction over a VMgO catalyst. Propane selective and non-selective oxidations
take place at the same site, where the nucleophilic lattice oxygen is used for selective oxi-
dation, while the adsorbed electrophilic oxygen is used for deep oxidation. Also consid-
ering that the formation of COx species is due to the electrophilic oxygen, Pietrzyk et al.
[] studied theODHPoverNiMoO catalyst, under transient and steady state conditions,
which were simulated in a “redox” mode circulating bed reactor.

Experiments carried out in this research showed that both, parallel and consecutive
reaction scheme applies — kinetic experiments where propylene oxidation was studied
indicated that the total amount of carbon oxides is being produced in the direct oxidation
of propane as well as in the subsequent deep oxidation of propylene.

�e reaction order in propylene for the secondary reactions (see equation .), i.e.
propylene oxidation toCOx was found to be close to zero. �e possible explanation for this
[] is that the catalyst surface is saturated with propylene, so that the propylene gas phase
partial pressure does not influence the reaction rate. Dependence in oxygen concentration
results from the fact that the experiments were conducted in large excess of propylene, so
oxygen became the limiting reactant.

3.8 Conclusions

In this chapter the reaction kinetics of the oxidative dehydrogenation of propane has been
studied. Experiments had been performed where propane, propylene and oxygen con-
centrations (i.e. partial pressures) were varied, at a constant temperature of K over a
GaO/MoO catalyst.
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�e results of this research clearly showed that the reaction order in oxygen is higher
for the side reactions of both propane and propylene, compared with the reaction order
in oxygen for the reaction of propylene formation.

�e higher reaction order in oxygen for the side reactions indicates that the selectivity
to CO is strongly influenced by the oxygen concentration. �us, the key for the successful
operation of ODHP process is in keeping low oxygen concentration levels in the reactor.
Since the contribution of secondary reactions is showed not to be insignificant, the best
possible solution for the operation at a high propane conversion with a high propylene
and low COx yield is a distributed oxygen feed, which can be achieved in a packed bed
membrane reactor.
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4
Modeling of a packed bed membrane reactor

for the ODHP

In this chapter a conceptual study of a packed bed membrane reactor for the ODHP is per-

formed. A one dimensional, multi-compartment, multi-component, pseudo-homogeneous,

non-isothermal packed bed membrane reactor model was developed for a tube-in-tube con-

figuration. �e performance of a reactor for the catalyzed ODHPwas simulated for the cases

of premixed and distributed oxygen feeding, where the reactants composition, flow rates and

extent and manner of dilution were varied. �e results of these detailed numerical simula-

tions indeed showed and quantified an improved selectivity to propylene and lower yields of

by-products when applying distributive oxygen dosing.
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4.1 Introduction

T
   madewith a variety of inorganic materials has

opened up the opportunity to apply the inorganic and catalytic membrane reactor
for many new applications over a much wider range of operating conditions. [–]

In recent years also the modeling of (catalytic) membrane reactors has progressed signifi-
cantly. [–] In some cases, thesemodels were aimed to complement ongoing experimen-
tal studies, sometimes the goals were much more ambitious and the modeling effort was
directed towards better understanding of the prevailing phenomena (e.g. D flow profiles
and extent of concentration polarization, see Tiemersma et al. []) and the general design
of catalytic membrane reactors or packed bed membrane reactors.

�e modeling of membrane reactors for their application in partial oxidation pro-
cesses has also been studied earlier [–], e.g. for the cases of multi-stage dosing in a
membrane reactor cascade [] with a high oxygen over hydrocarbon ratio, or for hy-
drocarbon partial oxidation process aiming at acrolein production []. In this work,
a one dimensional, multi-compartment, multi-component, pseudo-homogeneous, non-
isothermal reactor model for the ODHP in a packed bed membrane reactor (PBMR) over
a GaO/MoO catalyst is developed, to assess and quantify the benefits of distributive
oxygen feeding via a porous membrane, in comparison to the performance of a packed
bed reactor with a premixed reactants feed.

�e general model assumptions and governing equations will be given in the next
sections, followed by a discussion of the effects of the design and process parameters on
the reactor performance (propylene yield at a specified propane conversion and radial
temperature profiles).

4.2 General model assumptions

�e packed bed membrane reactor model is based on the following assumptions:

1. Tube-in-tube reactor configuration (with either premixed or distributed feed)

A schematic of the packed bed catalytic membrane reactor configuration considered in
this work for the ODHP is shown in Figure .. It is a tube-in-tube configuration, with
catalyst positioned at the tube side, while oxygen is dosed via a co-currently fed stream to
the shell side (annular space) through a porous membrane.

�e performance of the packed bed membrane reactor with this tube-in-tube config-
uration with distributive oxygen feeding via the porous membrane is compared with the
performance of a tubular fixed bed reactor with premixed feed.
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Figure 4.1: Schematic of a membrane reactor used in a generalized packed bed catalytic membrane
reactor model

2. Plug flow with superimposed axial dispersion

For both compartments, i.e. membrane shell and tube side, plug-flow with superimposed
axial dispersion is assumed. A simple, frequently used rule to assess whether axial disper-
sion effects can be neglected is L/dp > . Mears [, ] derived amore accurate criterion
for the case of single n-th order reaction.

L

dp
> nDax

dpus
ln

Cinlet

Coutlet
(.)

If equation . holds, the deviation from plug flow is less than %.

In the model developed in this research, axial dispersion was included, however its
importance was found to be negligible, since the ratio L/dp is much higher than  and
also the criterion mentioned in equation . is satisfied.

3. 1D non-isothermal, adiabatic model (i.e. no heat losses, no radial temperature profiles)

To be able to assess whether the D model is sufficient for describing the oxidative dehy-
drogenation of propane in the selected reactor configuration, the modified�iele modu-
lus concept developed by Kürten et al. [] and van Sint Annaland et al. [, ], given in
equation . was applied.

ϕ =
dp



¿ÁÁÁÀ n + 


ηk ⟨c⟩n− + n + 


ηk ⟨c⟩n−

Drad
(.)

where the radial dispersion coefficient, Drad, is calculated based on expression pro-
posed by Specchia et al. []



Modeling of a packed bed membrane reactor for the ODHP ∥ 73

Drad =
dpvg

.
⎛⎝ + .( dp

ri
)⎞⎠

(.)

Substituting values in equations . and . showed that for the catalyst particle size
and reactor geometry used in this work, the bed effectiveness factor, η, is very close to one
(�iele modulus ≈ .). �e effectiveness factor was calculated using

η =


ϕ

I(ϕ)
I(ϕ) (.)

which is valid for cylindrical geometry (see, for example, Rawlings andEkerdt []), where
I and I represent modified Bessel’s functions. Concluding, a D approach is justified.

4. Mass/heat transfer between compartments accounted for by overall mass/heat transfer
coefficients from the bulk of the catalyst bed to the wall

Heat transfer between the shell and tube side and themembrane itself is described by over-
all heat transfer coefficients hP and hF , respectively, taken from transport phenomena and
reactor design textbooks. It is assumed that the external concentration and temperature
gradients between the fluid phase and the catalyst phase and the internal temperature
gradients in the catalyst for the tube and shell side are negligible, as well as concentration
gradients between shell/tube side and membrane itself.

5. Pseudo-homogeneous model

�e concentration gradients in the catalyst particles are taken into account through a par-
ticle effectiveness factor, which was however close to  in this work.

In the same time, it was necessary to prove if the catalyst particles are isothermal or not.
Anderson [] applied the perturbation approach to derive a criterion to check the absence
of temperature gradients inside catalyst particles. �e reaction is assumed to follow an
Arrhenius temperature dependence. For quasi-isothermal behavior, the observed rateR
must not differ from the rate that would prevail at constant temperature by more than
an acceptable amount of %. �e resulting criterion, in terms of Damköhler’s number
involving heat transport by conduction is

∣∆Hr ∣Rd
p

λsTs
< .

TsRg

E
(.)

where ∣∆Hr ∣ is the absolute value of the heat of reaction, R is the reaction rate, λs is the
thermal conductivity of the particle, E is the true activation energy (data on activation
energy can be found in [–]), Rg is the gas constant and Ts is the absolute temperature
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at the catalyst surface. �is criterion is valid whether diffusional limitations exist in the
particle or not. By substituting values in equation . it was confirmed that the catalyst
particles are practically isothermal, so that pseudo-homogeneous approach is valid for
the cases examined.

6. Porous membrane where the transport is dominated by Knudsen flow

�e various reactant and product species are assumed to diffuse through the membrane
independently from each other, while their diffusivity is not a function of pressure. �is
indirectly assumes that the prevailing mechanism of diffusion is Knudsen diffusion, which
is indeed the case in this experimental study [, –]. If other transport mechanisms,
such as bulk and surface diffusion and viscous flow are present, they could in principle be
easily incorporated into the model.

4.3 Description of the PBMR model

In the following subsections, the model equations of the PBMRmodel for the ODHP over
a GaO/MoO catalyst will be presented and the numerical solution method shortly out-
lined. Details on the selected reactor design and operating conditions are also presented.

4.3.1 Model equations

�e governing model equations along with the appropriate (Danckwert’s type) boundary
conditions have been summarized in Table ., representing component mass and energy
balances augmented with the differential Ergun equation for the pressure drop over the
fixed bed. Note that the accumulation terms are included in the description, since the
simulations were always started with the reactor initially at a uniform temperature, filled
with an inert gas and subsequently progressed in time, until the steady state solution was
obtained.

Constitutive equations for the transport parameters and physical properties can be
found in Appendix A and B, respectively.

4.3.2 Kinetics

As discussed before (see section . at page ) the most important reactions in the ox-
idative dehydrogenation of propane and their rates can be written as

CH + 
O Ð→ CH +HO r = kp

m
C
pn
O

(.)

CH + 
 ( x +  )O Ð→ COx + HO r = kp

m
C

pn
O

(.)

CH + 
 ( x +  )O Ð→ COx + HO r = kp

m
C =

pn
O

(.)
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Table 4.1: �e governing equations: plug flow with superimposed axial dispersion model

Component mass balance:
∂

∂t
(єρgω i) = − ∂

∂z
(єρguzω j) + ∂

∂z
(ρgD j

∂ω j

∂z
) + Sr , j +Φm , j

Boundary conditions: Inlet (z = 0) − (D jρg) ∂ω j

∂z
∣
z=0

+ (uzρgєω j) ∣z=0= Φm,j

Areactor

Outlet (z = L) ∂ωj

∂z
∣
z=L

= 0

�e source term Sr,j : Sr,j = (1 − є)ρsM j

nr∑
i=1

νijri for j = 1, 2, . . . , nc and i = 1, 2, . . . , nr

Energy balance: (єρgcp,g + (1 − є) ρscp,s) ∂T
∂t
= −cp,g ∂

∂z
(єρguzT) + ∂

∂z
(λ ∂T

∂z
) + Sh

�e source term, Sh : Sh = (1 − є)ρs nr∑
i=1

ri∆H i for i = 1, 2, . . . , nr

Boundary conditions: Inlet (z = 0) − λ ∂T

∂z
∣
z=0
+ (uzρgєcp,gT) ∣z=0= cp,gT0Φm

Areactor

Outlet (z = L) ∂T

∂z
∣
z=L
= 0

Total momentum balance equation:
∂p

∂z
+ βρguz = 0 p∣z=0 = p0

Friction coefficient: β = 150
(1 − є)2

є3
µg

ρgd2
p
+ 1.751 − є

є3
єuz
dp
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where the corresponding kinetic coefficients have been experimentally determined in a
micro-catalytic fixed bed reactor operated under differential reactor conditions. �ese
coefficients have been listed in Table ..

4.3.3 Membrane flux

�e overall flux of component j through the porous membrane, Φm,j (in kg/m⋅s), is re-
lated to the cross-sectional mass flow rate as follows:

Φm,j = Ḟ
P
j
SP

Sm
= ḞP

j

(D − d) π
(d +w) πL = ḞP

j
D − d

(d +w)L (.)

where d, D and w represent internal and external tube diameter and the wall thickness,
respectively.

Expressed in this way, it is easy to compare the amount of oxygen added to the reactor
through the membrane with the corresponding amount in the case of premixed reactants
flow.

Due to to the permeation of oxygen from the shell side of the reactor through the
membrane to the tube side, the flow rates in these compartments change. �e total flow
rate in the tube side equals

ḞF
= ḞF

 + ḞF
m (.)

where the term ḞF
m represents a flow increase due to oxygen permeation, and is expressed

as

ḞF
m = Φm

Sm

SF
= Φm

(d + w) πL
πd



= Φm
(d +w) L

d
(.)

Simultaneously, the flow in the shell side decreases:

ḞP
= ḞP

 − ḞP
m (.)

where, similar as in equation ., the factor describing the flow rate change is given as

ḞP
m = Φm

Sm

SP
= Φm

(d + w) πL(D − d) π


= Φm
(d + w) L
D − d

(.)

4.3.4 Numerical solution

Solving convection-dominated partial differential equations (PDEs) in intrinsically in-
stationary chemical reactors such as packed bed membrane reactors can be a computa-
tionally quite demanding task. One reason for this is the presence of very steep gradients
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in the temperature and concentration profiles at different locations. �e computational ef-
fort is greatly reduced with higher-order discretization schemes for the convection terms
and with an automatic, local grid adaptation. In this research, WENO schemes (see Smit
et al. []) are used for the convection terms, while a local grid adaptation technique uses
the smoothness indicators and interpolation polynomials of the WENO schemes. With
this grid adaptation technique, the number of grid cells required to accurately capture
steep gradients can be greatly reduced, thereby enormously reducing computation times.

Time integration

Time integration in this work is carried out using the third-order accurate L-stable singly
diagonal implicit Runge–Kutta (SDIRK) scheme, following Alexander []. �is scheme
was selected because it is implicit so that very small steps due to stability problems of
the convection, conduction and reaction terms can be avoided. Furthermore, with this
scheme only a system of linear equations in the spatial domain has to be solved, which is
carried out with an efficient bandedmatrix solver. Time-step adaptation is also carried out
according to Alexander []. �e tolerance used for the iterations and the time-step adap-
tation, is spatially averaged and is chosen sufficiently small. Because of the non-linear
source terms in the equations an iterative solution method (Newton–Rhapson) is used.
Since also the WENO scheme is non-linear, the convection term is discretized implicitly
with the Upwind scheme and then iteratively corrected (semi-implicitly) with theWENO
scheme (i.e., deferred correction), following Ferziger and Perić []. �e steady state sit-
uations were obtained by time-marching from an initial condition (reactor temperature
uniform, filled with inert gas).

4.3.5 Model settings

For a simulation of a partial oxidation reaction system with a premixed reactants flow, the
dimensions of the tubular reactor were specified in a way that they correspond to the di-
mensions of an experimentally used reactor (see chapter ). �e diameter was set to mm
and length to mm, where mmwas the effective (reactive section) length. �e wall
thickness was set to .mm. Physical properties of the reactor construction material were
also taken into account in the energy balance.

�e simulation of a partial oxidation system with a distributed oxygen feed was per-
formed similarly to the simulation of the premixed reactants flow system. �e system
consists of two co-axial tubes, as shown in Figure ., where the inner tube has a porous
(alumina) membrane section, which enables oxygen permeation at a given rate. �e re-
actor length was set to mm, while the membrane length was mm.

Other defaultmodel settings for the process and operation parameters have been listed
in Table ..
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Figure 4.2: Schematic of the reaction section of the packed bed membrane reactor with distributed
oxygen feed.

4.4 Results and discussion

4.4.1 Premixed vs. distributive oxygen feeding

First, the extent of axial temperature profiles in the fixed bed with premixed feed and in
the packed bed membrane reactor with distributive feed through a porous membrane has
been compared for the base case settings listed in Table .. In Figure . the axial tem-
perature profiles for adiabatically operated reactors with and without distributive feeding
are shown. Due to the difference in heat generation by different reactions and their occur-
rence along the reactor length, the axial temperature profiles for the premixed feed and
for the distributed feed of oxygen have a different shape. In case of premixed reactants
flow, the concentration of reactants is highest at the beginning of the reactor. Higher re-
action order in oxygen for the side reactions of the hydrocarbons combustion and their
corresponding heat production cause an increase in the temperature close to the reactor
inlet. Towards the end of the reactor, where oxygen concentration is lower and the main
reaction is dominant, the temperature is lower. In the case of the packed bed membrane
reactor, where oxygen is fed distributively, at the inlet of the reactor, themain reaction pre-
vails and the temperature rise is slow. Closer to the end of the reactor, the ratio CH:O

becomes higher, promoting side (combustion) reactions. Despite this fact, the amount of
heat produced in combustion reactions is low since the oxygen concentration is low along
the entire reactor. As a consequence, the adiabatic temperature rise becomes smaller.

�e profiles also clearly show that for the selected conditions in this work the cooling
of the product stream with the inert gas flow through the shell side is already sufficient to

Table 4.2: Usual values for the model parameters

D 0.014m d/w 0.008/0.0015m

L 0.05–1m Ftot 85ml/min

YN2/C3H8/O2
, premixed 6:3:1 YN2/C3H8

, distributed 6:3
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Figure 4.3: Comparison of axial temperature profiles for the cases of premixed feed (●) and with
distributed oxygen feed (◾). Ftot =  ml/min, N:CH:O = ::
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with distributed oxygen feed (dashed lines). Operating conditions as given in Table ., except for the
flow rate, which in this case was set to Ftot =  ml/min
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approach almost isothermal conditions. �erefore, for the rest of this chapter an isother-
mal operation mode was used.

Subsequently, the conversion of propane and oxygen and the selectivity to propylene
were compared for the cases of premixed reactants flow and distributive oxygen feeding.
As it can be discerned from Figure ., for a system with premixed reactants flow, the
maximum concentration (i.e. yield) of propylene is always reached at the end of the reac-
tor.

Since oxygen is being competitively consumed by both main reaction and side reac-
tions which have a higher apparent order in oxygen, the waste products are being formed
at a high rate at the beginning of the reactor, which leads to a relatively low selectivity to
propylene. Moving towards the outlet of the reactor, the ratio propane/oxygen becomes
higher, which enhances the main reaction of propylene formation. However, the amount
of oxygen already wasted in side reactions is high, so the increase in the propylene con-
centration is rather low.

If the same amount of oxygen is now fed distributively, keeping the same reactor
length, total volumetric flow rate and propane inlet concentration, the oxygen concen-
tration in the tube side becomes low and relatively constant over the reactor length. �is
leads to a significantly increased yield of propylene, while the yield of waste products is
much lower than with premixed feed.

For the system with premixed reactants flow, the oxygen conversion is rapid and com-
plete.�emaximumpropylene yield (.%) is at the conditions investigated (N/CH/O

= ::, Ftot = ml/min) obtained already at z = .m. In contrast, for the packed bed
membrane reactor case, the propylene yield can be increased at the same total propane
and oxygen flow rate fed by increasing the reactor and membrane length and decreasing
the membrane permeability. For the parameters listed in Table ., the effect of the total
reactor length (and corresponding membrane permeability) on the propane and oxygen
conversion and selectivity is plotted in Figure ..

4.4.2 Distributive oxygen feeding: Influence of the reactor length

Increasing the reactor length at the same overall oxygen flow rate decreases the oxygen
concentration and increases the propane conversion and selectivity to propylene. �e in-
crease in propane conversion is the consequence of the fact that the reactions whose stoi-
chiometry requiremore oxygen also have a high order in oxygen; a low oxygen concentra-
tion suppresses these reactions and enhances the main reaction of propylene formation,
where (only) . moles of oxygen is required per mole of propane. �is also leads to an
increase of the selectivity to propylene, which, in the theoretical case where L → ∞ can
reach values close to . From Figure . can be concluded that the propylene yield can be
increased to .% or even .% at the expense of increasing the reactor length to .m
or m respectively.
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Figure 4.5: Influence of reactor length change on performance of ODHP ( % of propane, flow rate
Ftot =  ml/min, oxygen inlet concentration indicated). (a) conversion/selectivity (◆ propane conver-
sion, ◾ selectivity to propylene, ▵ propane conversion (premixed), ▿ selectivity to propylene (premixed))
(b) yield of propylene ◇ (premixed feeding), yield of propylene ▴ (distributed oxygen feeding)
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4.4.3 Influence of the oxygen concentration

Yields of main products

Change of the oxygen concentration while keeping the reactor length constant may also
contribute to a better utilization of the reactants’ stream in the reactor for the ODHP.
An increase in oxygen concentration (fraction of propane in the feed kept at %) led
to an increase in the yield of propylene, but also in the yield of carbon oxides. As can
be discerned from Figure ., for the case of premixed feed the increase in the propylene
yield becomes smaller for higher propane conversions, so that the maximum propylene
yield of .% is reached at a propane conversion of .%.

�is may be attributed to secondary reactions of propylene combustion, but also to
the prominent reactions of propane combustion, which also become important at higher
oxygen feed concentrations. �erefore, the yield of COx rises faster with higher oxygen
concentrations and reaches .% at a propane conversion of .%. However, for high
propane conversions and large propylene yields, the oxygen concentration needs to be
high, which is highly undesired, because of a high risk of explosion at these propane/oxy-
gen concentration ratios, which was already discussed at page  and schematically shown
in Figure ..

For the distributed oxygen feed, the propylene yield at the same conditions as for the
premixed feed (volumetric flow rate  ml/min, propane feed concentration %) is sig-
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Figure 4.6: Yield of propylene and side products in the catalyzed ODHP at  K in the reactor
L =  cm as a function of propane conversion. Symbols: ◾ distributed feed, ▾ premixed feed
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nificantly higher and for propane conversion of % reaches .%. �us, much higher
propylene yields can be achieved at much higher propane conversions. �is again demon-
strates the superiority of distributed oxygen feed over premixed feed for the process of
oxidative dehydrogenation of propane.

Influence on conversion and selectivity

An increase of the oxygen concentration was beneficial to increase the propane conver-
sion, since at the low temperatures considered in this work (K) cracking processes are
absent.

As can be seen from Figure ., showing the propane conversion and CH and COx

selectivity as a function of the oxygen content in the overall feed, a larger increase of
propane conversion occurs for relatively low concentrations of oxygen. �is resultsmainly
from the fact that the reaction of propane and oxygen in which propylene is formed re-
quires moles of propane permole of oxygen, in contrast to the reaction of propane com-
bustion (see equations . and .)where permole of oxygen only . (. in case of CO)
moles of propane is needed. At higher oxygen concentrations, combustion of propane be-
comes dominant, so the increase in the propane conversion at higher O concentrations
becomes lower.
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Figure 4.7: Conversion of propane and selectivities to propylene and carbon oxides as a function of
oxygen content in the feed. (xCH

=  %, T =  K, L =  cm)
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Figure 4.8: Additional catalyst bed placed a�er the end of porous section of the membrane reactor in
order to assure complete oxygen conversion.

Although the oxygen conversion is high, it is not yet complete. �e reason for this is
that at the end of membrane section there is still some oxygen entering reactor, while in
the tube side the catalyst bed ends at the same position. �erefore, the catalyst bed should
be extended somewhat behind the end of the membrane section of the reactor, as shown
in Figure .. �is will allow full utilization of the oxygen supplied, hence, the propylene
yield could be slightly further increased, but the effect is relatively small here.

4.4.4 Dilution effects

Additional simulations have been performed with the hydrocarbon reactant feed stream
diluted with nitrogen, so that the change in contact time when varying the overall feed
composition was compensated for. �e results for yields of propylene and COx are dis-
played in Figure .. An increase in the hydrocarbon feed concentration also results in a
larger contact time of propane at the same overall CH/O feed ratio, which results in
the yield increase for both, propylene and carbonmonoxide. However, this approach may
be misleading, for here the contact time of propane changes with the change of its inlet
concentration. �erefore, the change in selectivity to propylene should be examined at
a constant propane conversion. Indeed, when inspecting the conversion-selectivity plot
shown in Figure ., it can be noticed that for certain propane conversion, a (slightly)
higher selectivity to propylene is achieved in the case of a less diluted feed. With these
trends for propane conversion and selectivity to propylene, it can be concluded that the
best performance should be expected for higher hydrocarbon feed concentrations.

4.4.5 Shell vs. tube side dilution

In order to maintain the contact time in the reactor constant, when varying the oxygen
inlet concentration, a certain amount of dilutant (helium or nitrogen) had to be added
to the stream. In the case of premixed reactants, the stream can be diluted by co-feed of
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dilutant. However, in the membrane reactor, there are two possibilities, to dilute the tube
side flow, or to dilute shell side flow. In Figure . results for both of these cases are shown.

As can be seen, in the case of shell side dilution, a higher selectivity to propylene can be
achieved for a given conversion, if compared to the case of tube side dilution. Diluted shell
side stream contributes to the faster flow increase in the tube side and, effectively, lowering
the rate of oxygen permeation. Due to this lower oxygen concentration, the selectivity to
propylene becomes somewhat higher.

Apart from its beneficial role in increasing the selectivity to propylene, shell side di-
lution has another important feature: when adding a dilutant, while keeping the amount
of oxygen fed constant, the membrane fluxes increased, which led to an increase in to-
tal transmembrane pressure difference. �is reduces the extent of back-permeation of
species present in the tube side of the reactor. From an experimental point of view, this
is a very valuable result, firstly because it allows a broader range of experimental condi-
tions in respect to feed composition (high level of back-permeation and bypassing easily
possible when diluting tube side stream!) and secondly because it drastically reduces the
possibility of the formation of explosive mixtures in the shell side.

4.4.6 Axial oxygen feed profile — linearly decreasing or constant?

In the study thus far, the oxygen feed flux through the membrane was constant along
the reactor. For further optimization, it was explored if it is possible to obtain higher
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selectivities to propylene using a different axial oxygen feed profile. Since the propane
concentration in the reactor decreases and the key for a high propylene yield is a large
propane to oxygen ratio, the first case to be examined is the axially linearly decreasing
oxygen membrane flux profile.

Experimentally, this could be achieved by altering the membrane properties along the
axial direction, or by applying a fixed bed of particles in the shell side, so that the pressure
drop over the bed decreases the pressure difference over the membrane.

In case of a constant oxygen feed flux, the concentration of oxygen along the reactor
can be described as

Φ"m,O
= k (.)

where the total amount of oxygen fed to the tube side is

QO
= πd ∫

b

a
k dx = kx∣b

a
= k(b − a)πd (.)

Similarly, for the case of a linearly decreasing oxygen feed flux can be written

Φ"m,O
= k ( − x − a

b − a ) = k (b − xb − a) so that QO = πd



k (b − a) (.)

To be able to compare these two cases, the amounts of oxygen fed should be identical.
From this condition it follows that k = k (see Figure .), which means that at the
beginning, for x = a the oxygen membrane flux is twice as high as the corresponding
oxygen membrane flux for the case with a constant oxygen flux.

If we now compare the results for these two cases (see Figure .), we can see that the
linearly decreasing oxygen concentration profile does not help increasing the selectivity to
propylene. Instead, for a given propane conversion, the selectivity to propylene is actually
slightly higher if the oxygen feed flux is constant. For the case of a linearly decreasing
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Figure 4.12: Schematic of an oxygen feed profiles: membrane section is situated between a and b,
while the reactor can contain inert sections before and/or a�er the membrane
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Figure 4.13: Linearly decreasing versus constant oxygen feed profile alongside the reactor. Selectivities
to propylene and carbon oxides as a function of conversion in the  cm long reactor with total flow of
 ml/min Symbols: ◾ constant, ▴ linear

oxygen feed flux, at the beginning of the membrane section, the oxygen concentration is
relatively high and therefore the selectivity to side products is very high.

Moving further along the reactor length, the lower oxygen concentration leads to an
increase of the selectivity to propylene, however, the amount of already formed carbon
oxides is large, so that the overall performance of such an oxygen feed concentration pro-
file is actually worse in comparison to the case with a constant oxygen feed flux through
the membrane. When oxygen is fed with the same rate along the entire membrane length,
at the beginning of the membrane section, the propane to oxygen ratio is high, enabling
high selectivity to propylene. Along the reactor this ratio becomes slightly lower, but the
amount of propylene formed close to the inlet of the membrane section is large, so even
this unfavorable situation does not significantly affect the overall performance.

Concluding, little or no benefit is to be expected from optimizing the axial oxygen
membrane flux profile.

4.4.7 Effects of volumetric flow rate

�e total flow in the system has been altered in order to examine which flow rates provide
the maximum yield of desired product. In Table . one can see that the increase of the
total flow of reactants unfortunately leads to a decrease in the propane conversion, but
remarkably also to a decrease in the selectivity to propylene and in the same time to an
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Table 4.3: Conversion of propane and selectivities to propylene and carbon oxides as a function of the
total volumetric flow rate in the membrane reactor.

flow, × 42.5 ml/min conversion selectivity to C3H6 selectivity to COx

1 0.179 0.81 0.15

2 0.103 0.78 0.18

4 0.056 0.77 0.19

8 0.029 0.76 0.20

16 0.015 0.75 0.21

increase in the selectivity to carbon oxides. To be able to understand this, it is necessary
to see how the oxygen axial concentration profiles look like. If the total volumetric flow
rate is increased, the contact time becomes smaller and therefore the propane conversion
decreases. Simultaneously, more oxygen is supplied through themembrane, so the oxygen
concentration along the reactor length actually increases (see Figure .), instead of being
constant.

Taking into account that the side reactions show a higher reaction order in oxygen
compared to main reaction, it becomes then obvious that an increase in the selectivity to-
wards COx is observed. �erefore, the selectivity to propylene decreases from % to %
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Figure 4.14: Axial profiles of oxygen for different flow rates in the packed bed membrane reactor for
the oxidative dehydrogenation of propane. �e flow is expressed as multiple of a flow rate for the base
case of . ml/min, feed composition N:CH:O=::.
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for a flow rate change from  to ml/min, while at the same time the selectivity to COx

increases from  to % in the membrane reactor of  cm in length at the temperature
level of K.

Concluding, the membrane flow has to be tuned in such a way to match the reaction
kinetics.

4.5 Conclusions

�is chapter deals with numerical model simulations to quantify benefits of distributive
oxygen feeding for the oxidative dehydrogenation of propane over a GaO/MoO based
catalyst using the experimentally determined kinetic data. First, a packed bed reactor with
premixed reactants flow was simulated, and the results were compared with simulations
of a packed bed membrane reactor with a distributed oxygen feed. �e decrease in the
oxygen concentration, achieved by distributive feeding through the membrane was found
to be very beneficial for the propylene yield. Increasing the reactor length at the same
overall oxygen feed flow rate can even further increase the propylene yield (at the cost of
additional capital investments).

�e results have also shown that the low extent of dilution combined with dilution of
the shell side (oxygen) feed improve the overall process performance, where the mem-
brane flux has to be tuned to match the reaction kinetics.

Hence, a packed bed membrane reactor concept is a promising alternative in compar-
ison to the conventional propylene production processes, as well as if compared with the
packed bed reactor with premixed reactants feed.

Nomenclature

Symbols

Aj Constant in the correlations for ηj,g and λj,g
B Parameter in the model of Zehner and Schlünder []

Bj Constant in the correlations for ηj,g and λj,g
cj Concentration of species j, mol/m

Cj Constant in the correlations for ηj,g and λj,g
Cp Heat capacity, J/kg⋅K
d Inner (tube) diameter

dp Particle diameter, m
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dt Tube diameter, m

D Outer (tube) diameter

Dj Constant in the correlations for ηj,g and λj,g
Dax Axial dispersion coefficient, m/s
Deff Effective diffusivity, m/s
ep Emissivity of a particle

ewall Emissivity of the wall

Ea Activation energy, J/mol

Ej Constant in the correlations for ηj,g and λj,g
ḞP
m Shell side flux, kg/m⋅s

ḞF
m Tube side flux, kg/m⋅s

Hj Enthalpy of species j, J/mol

∆Hr Reaction heat, J/mol

kg Gas to particle mass transfer coefficient, m/s
ki Coefficient in the reaction kinetic equation

Lmem Length membrane, m

Lreactor Length of the reactor, m

M Parameter in the model of Zehner and Schlünder []

Mj Molar weight of species j, kg/mol

Nu Nusselt number, αg−sdp/λg
p Pressure, Pa

pj Partial pressure of species j, Pa

Peax Péclet number for axial heat dispersion, ρgvgdpCp,g/λax
Pr Prandtl number, Cp,gηg/λg
rj Reaction rate of species j, mol/m ⋅s, mol/gcat⋅s
ri Tube radius, inner, m

ro Tube radius, outer, m

r j ,R Reaction rate, mol/m ⋅s
Rg Gas constant, . J/mol⋅K
Re Reynolds number, ρgvgdp/ηg
S Selectivity

SF Inner tube cross-sectional surface area, m
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SP Outer tube cross-sectional surface area, m

Sm Membrane surface area, m

Sc Schmidt number, ηg/ρg/D
t time, s

T Temperature, K

∆Tad Adiabatic temperature rise, K

u Superficial velocity, m/s
w Wall thickness, m

wj Weight fraction of species j

xj Mole fraction of species j

z Spatial coordinate, m

Greek symbols

αbed−wall Overall wall to bed heat transfer coefficient, J/m⋅K⋅s
є Porosity

η Particle effectiveness factor, −, Viscosity, kg/m⋅s
κr Parameter in the model of Zehner and Schlünder []

κs Parameter in the model of Zehner and Schlünder []

λ(ax) (Axial) thermal conductivity, J/m⋅K⋅s
λbed �ermal conductivity of a packed bed, J/m⋅K⋅s
λr Parameter in the model of Zehner and Schlünder []

λr,s Parameter in the model of Zehner and Schlünder []

νj Molar volume of species j

ν j Stoichiometric coefficient of the component j

ρ Density, kg/m

ρbulk Bulk density, kg/m

σ Stefan-Boltzmann constant, . ⋅ − W/m⋅K

Φm Flux through membrane, kg/m ⋅s
φ �iele modulus

φη
j,k Parameter used in a mixture viscosity calculus

φλ
j,k Parameter used in a mixture thermal conductivity calculus
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Superscripts and subscripts

 Initial

P Outer (permeate) side

F Inner (flow) side

sup superficial
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4.A Transport parameters

4.A.1 Axial mass dispersion

Effective dispersion of mass in the reactor is, according to Zehner and Schlünder [] and
Tsotsas and Schlünder [] defined as

Dz , j = ( −√ − є)Dm
j + udp


(.)

4.A.2 Axial heat dispersion

�e same authors [, ] suggest the following relation for the effective dispersion of
energy

λz
λg
=

λbed,
λg
+ Pex

K∞ f (Dt/dp) =
λbed,
λg
+ Pex


(.)

where λbed, is given as

λbed,
λg
= ( −√ − є)( + λrad

λg
) +√ − є

⎧⎪⎪⎪⎪⎪⎪⎪⎨⎪⎪⎪⎪⎪⎪⎪⎩


 − λg
λcat

B

⎡⎢⎢⎢⎢⎢⎢⎢⎢⎢⎣

( − λg
λcat
)B

( − λg
λcat

B)
ln

λcat
λgB

−B + 

− B − 
 − λg

λcat
B

⎤⎥⎥⎥⎥⎥⎥⎥⎦
+ 

λg
λrad
+ λg
λcat

⎫⎪⎪⎪⎪⎪⎬⎪⎪⎪⎪⎪⎭

(.)

and λrad , Pex and coefficients B and C defined as

λrad =
.


єrad
−  (

T


) dp , Pex =

usupρgcp,g
λg

XF , B = (  − є
є
) 



, C = . (.)

4.A.3 Wall-to-bed transfer

�e closure equations for the wall-to-bed heat transfer is summarized in Table .
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Table 4.4: Wall-to-bed heat transfer coefficient calculation, as proposed by Dixon and Creswell []



αbed−wall
=


Nuwλg
dp

+ αrad

+ riPer

RePr λg

Bi + 
Bi +  Bi =

riNuwPeer

dp RePr

Bif =

riNuwf Perf

dp RePr
Bis = . + .(ri

dp
− )

Peer =




Perf Bis

(Bis + )
( 

N f
+ Bif + 

Bif
) +

λbed
λg RePr

Nuw =

Bis dp RePr

riPeer

Nu = ( − єg + єg) ( + .Re.Pr/) Nuwf = ( − dp

ri
)Re.Pr/

+(. − .єg + .єg)Re.Pr/
Nf = .( − єg)(ri

dp
) Perf

RePr





Nu
+ λg
λs

αrad =

σT



ewall
+ 

ep
− 
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4.B Physical properties

�e equations used to compare the physical properties of a gas mixture as a function of
the pure component data is shortly summarized below.

4.B.1 Viscosity

According to the book of Daubert and Danner [], viscosity of the components can be
calculated as

η j ,g =
A jT

B j

 + C j

T
+ D j

T

(.)

where the values for the coefficients A j , B j ,C j and D j are given in Table .

Table 4.5: Coefficients in equation 4.21, used in calculation of the component viscosity, according to

Daubert and Danner [36]

component A j B j C j D j

CO 1.1127 ⋅ 10−6 5.3380 ⋅ 10−1 9.4700 ⋅ 101 0

CO2 2.1480 ⋅ 10−6 4.6000 ⋅ 10−1 2.9000 ⋅ 102 0

H2O 6.1839 ⋅ 10−7 6.7779 ⋅ 10−1 8.4723 ⋅ 102 −7.3930 ⋅ 104
He 3.2530 ⋅ 10−7 7.1620 ⋅ 10−1 −9.6000 ⋅ 100 1.0700 ⋅ 102
N2 7.6320 ⋅ 10−7 5.8823 ⋅ 10−1 6.7750 ⋅ 101 0

C3H8 2.4993 ⋅ 10−7 6.8612 ⋅ 10−1 1.7934 ⋅ 102 −8.2546 ⋅ 103
C3H6 8.7900 ⋅ 10−6 2.3200 ⋅ 10−1 8.0000 ⋅ 102 1.2000 ⋅ 104
C2H6 2.5906 ⋅ 10−7 6.7988 ⋅ 10−1 9.8902 ⋅ 101 0

C2H4 2.0789 ⋅ 10−6 4.1630 ⋅ 10−1 3.5270 ⋅ 102 0

CH4 5.2546 ⋅ 10−7 5.9006 ⋅ 10−1 1.0567 ⋅ 102 0

O2 8.0380 ⋅ 10−7 6.0478 ⋅ 10−1 7.0300 ⋅ 101 0

For the viscosity properties of gas mixtures, according to the same source, the follow-
ing equation should be used:

ηg =

N∑
j=

x j ,gη j ,g

N∑
k=

xk ,gφ
η
j ,k

(.)

where φη
j ,k is given as
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φη
j ,k =

⎛⎝ +
√

η j

ηk
(Mk

M j
).⎞⎠



√
 + M j

Mk

(.)

4.B.2 Thermal conductivity

In a membrane reactor, where the solid catalyst is placed in the tube and/or shell side, a
thermal conductivity properties of the solid phase may drastically influence the overall
reaction process. �erefore, a specification for both, solid phase and gas phase thermal
conductivity is given here.

Packed bed thermal conductivity

For the solid phase thermal conductivity, Zehner and Schlünder [] suggested the fol-
lowing correlation:

λbed = λr ,s
√
 − єg + λg ( −√ − єg) ( + єgκr) (.)

where λr ,s is given as

λr ,s =
λg
M
(B(κs + κr − )

Mκs
ln(κs + κr

B
) + (B + )

B
(κr − B) − B − 

M
) (.)

while the coefficients appearing in equation . are represented with following ex-
pressions:

M =
κs + κr − B

κs
, B = .(  − єg

єg
)




, κs(r) =
λs(r)
λg

, λr =
ep
 − ep σTdp (.)

Gas phase thermal conductivity

Similarly as for component viscosity, an expression for the component thermal conduc-
tivity is, according to Daubert and Danner [] given in the form of an equation with
quadratic dependency on temperature.

λ j ,g =
A jT

B j

 + C j

T
+ D j

T

(.)
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Coefficients in the previous equation are given in Table .

Table 4.6: Coefficients in equation 4.27, used in calculation of the component thermal conductivity,

according to Daubert and Danner [36]

component A j B j C j D j

CO 8.3900 ⋅ 10−4 6.4090 ⋅ 10−1 8.6050 ⋅ 101 0

CO2 3.6900 ⋅ 100 −3.8380 ⋅ 10−1 9.6400 ⋅ 102 1.8600 ⋅ 106
H2O 2.1606 ⋅ 10−3 7.6839 ⋅ 10−1 3.9405 ⋅ 103 −4.4534 ⋅ 105
He 8.5900 ⋅ 10−4 8.5930 ⋅ 10−1 −9.5700 ⋅ 101 6.0000 ⋅ 103
N2 3.5100 ⋅ 10−4 7.6520 ⋅ 10−1 2.5767 ⋅ 101 0

C3H8 −1.1200 ⋅ 100 1.0972 ⋅ 10−1 −9.8346 ⋅ 103 −7.5358 ⋅ 106
C3H6 2.2390 ⋅ 10−5 1.2928 ⋅ 100 3.1214 ⋅ 102 0

C2H6 7.3869 ⋅ 10−5 1.1689 ⋅ 100 5.0073 ⋅ 102 0

C2H4 1.7440 ⋅ 10−5 1.3680 ⋅ 100 4.3930 ⋅ 102 −3.8700 ⋅ 104
CH4 6.3252 ⋅ 103 4.3041 ⋅ 10−1 7.7040 ⋅ 108 −3.8725 ⋅ 1010
O2 4.9430 ⋅ 10−4 7.3400 ⋅ 10−1 7.0000 ⋅ 101 0

�emethod ofWilke, as suggested by Reid et al. [] was used to calculate the mixture
thermal conductivity, following the equation .

λg =
N∑
j=

x j ,g λ j ,g

N∑
k=

xk ,gφ
λ
j ,k

(.)

Coefficient φλ
j ,k is further given as

φλ
j ,k =

⎛⎝ +
√

λ j

λk
(Mk

M j
).⎞⎠



√
 + M j

Mk

(.)
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4.B.3 Heat capacity

Component heat capacity was obtained via equation

Cp, j =


M j

⎡⎢⎢⎢⎢⎢⎢⎢⎣
A j + B j

⎛⎜⎜⎜⎝
C j

T sinh
C j

T

⎞⎟⎟⎟⎠



+ D j

⎛⎜⎜⎜⎝
E j

T cosh
E j

T

⎞⎟⎟⎟⎠

⎤⎥⎥⎥⎥⎥⎥⎥⎦
(.)

as proposed by Daubert and Danner [], while the corresponding coefficients are listed
in Table .

Table 4.7: Coefficients in equation 4.30, used in calculation of the component heat capacity, according

to Daubert and Danner [36]

component A j B j C j D j E j

CO 2.9108 ⋅ 104 8.7730 ⋅ 103 3.0851 ⋅ 103 8.4553 ⋅ 103 1.5382 ⋅ 103
CO2 2.9370 ⋅ 104 3.4540 ⋅ 104 −1.4280 ⋅ 103 2.6400 ⋅ 104 5.8800 ⋅ 102
H2O 3.3363 ⋅ 104 2.6790 ⋅ 104 2.6105 ⋅ 103 8.8960 ⋅ 103 1.1690 ⋅ 103
He 2.0786 ⋅ 104 0 0 0 0

N2 2.9105 ⋅ 104 8.6149 ⋅ 103 1.7016 ⋅ 103 1.0347 ⋅ 102 9.0979 ⋅ 102
C3H8 5.1920 ⋅ 104 1.9245 ⋅ 105 1.6265 ⋅ 103 1.1680 ⋅ 105 7.2360 ⋅ 102
C3H6 4.1300 ⋅ 104 1.5250 ⋅ 105 1.3520 ⋅ 103 7.4400 ⋅ 104 5.7800 ⋅ 102
C2H6 4.0326 ⋅ 104 1.3422 ⋅ 105 1.6555 ⋅ 103 7.3223 ⋅ 104 7.5287 ⋅ 102
C2H4 3.3380 ⋅ 104 9.4790 ⋅ 104 1.5960 ⋅ 103 5.5100 ⋅ 104 7.4080 ⋅ 102
CH4 3.3298 ⋅ 104 7.9933 ⋅ 104 2.0869 ⋅ 103 4.1602 ⋅ 104 9.9196 ⋅ 102
O2 2.9103 ⋅ 104 1.0040 ⋅ 104 2.5265 ⋅ 103 9.3560 ⋅ 103 1.1538 ⋅ 103
For the mixture heat capacity, an equation given below was used.

Cp,g =

N∑
j=

w j ,gCp, j ,g (.)
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4.B.4 Diffusion coefficients

�e estimation of molar diffusion coefficients was done using the Fuller’s method []:

D j ,k =
¿ÁÁÁÁÀ



M j
+ 

Mk

.T .

p (ν/j + ν/k ) (.)

Molar volumes for certain compounds are mentioned in Table .

Table 4.8: Molar volumes of the components, according to Reid et al. [37]

component ν component ν

CO 18.00 C3H6 61.56

CO2 26.90 C2H6 45.66

H2O 13.10 C2H4 41.04

N2 18.50 CH4 25.14

C3H8 66.18 O2 16.30

He 2.67 H2 6.12



5
Experimental demonstration of ODHP in a

packed bed membrane reactor

An experimental demonstration of the ODHP in a lab scale packed bed membrane reactor

has been performed. Experiments were carried out with both premixed and distributed oxy-

gen feed and compared, and the influence of the gas composition, flow rate and the extent of

dilution was investigated. �e results revealed that, in comparison with conventional reac-

tor concepts for the ODHP (fixed bed with premixed reactants feed), a significantly higher

propylene yield can be achieved at higher propane conversions in a packed bed membrane

reactor.
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5.1 Introduction

M
       of many scientists all over
the world during the last two decades, for their wide application possibilities.
�ey are mostly used in biotechnology [, ] and in the separation/filtration

processes [–], but the promising features of a reaction systemwith catalytically active or
inert membranes are also explored in heterogeneously catalyzed gas phase reactions in or-
der to improve already existing conventional production processes, such as the production
of formaldehyde and methanol from methane [, ], or the oxidative dehydrogenation of
ethane [, ]. Here the potential of amembrane reactor has been examined for the possible
application in the process of oxidative dehydrogenation of propane (ODHP).

5.2 Objectives

Anexperimental demonstration of yield improvement of propylene by distributive oxygen
feeding via a porous membrane and comparison with results from numerical model sim-
ulations (see chapter ) are the main objectives of this part of the study. �e experimental
setup and operation are described in the following section, followed by a discussion of the
results from the experimental study on the performance of ODHP in a packed bed reactor
using both premixed feeding and distributive oxygen feeding. �e effects of the inlet gas
composition, reactants flow rate and the extent and way of dilution will also be discussed.

5.3 Experimental

For the experimental validation of the numerical results presented in the previous chapter,
an experimental setup was constructed, equipped with a single membrane tube of desired
characteristics in terms of mechanical and physical properties.

5.3.1 Setup and operation

�e experimental setup used for the experiments described in this chapter is schematically
shown in Figure .. Propane enters the tube side of the reactor (R) through a pipeline
equipped with mass flow controller MFC. If distributive feed of oxygen is used, the three
way valve V is set in the position such that the stream is directed towards the shell side
of the reactor. For operation with premixed reactants, this valve directs the stream to the
junction point in front of valve V. �e three way valve V is used to allow bypassing the
reactor to analyze the feed composition on a gas chromatograph GC. Nitrogen can either
be added to the shell or tube side, by setting valve V into the desired position. With the
design presented, it is possible to have the following setup configurations:
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Propane
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PR2

V3

C2
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OxygenNitrogen

PR1

V1

V2

Figure 5.1: Schematic overview of the experimental setup used: R — Reactor, MFC– —Mass flow

controllers, T — Temperature controller, C– — Condensers, PR– — Pressure regulator, V– —

�ree-way valves, GC — Gas chromatograph

. premixed reactants (dense tube installed instead of porous membrane)

. distributed feed (porous membrane tube installed)

• dilution of oxygen feed (shell side dilution by nitrogen)

• dilution of propane feed (tube side dilution by nitrogen)

. bypass of the reactor (to analyze feed composition)

A�er cooling to room temperature and removing condensed water from the stream
(C), the reaction products were analyzed using a Varian MicroGC . A molsieve  A
column was used for the detection of oxygen, nitrogen, methane and carbon monoxide,
while a AlO/KCl column measured the ethane, ethylene, propane and propylene con-
centrations. �ermal conductivity detectors were attached to both columns and absolute
concentrations were obtained from the chromatogram peaks. �e relative accuracy of the
gas concentrations measured with the chromatograph was within % and it was regularly
checked by analyzing a gas mixture of known composition.

A thermocouple was inserted in the catalyst bed, inside the membrane tube. Pressure
indicators were placed at the inlets of both tube and shell side of the reactor and the dif-
ference between the pressures was in all the cases positive (pshell − ptube > ). �is ensures
that the back-permeation is minimized and that no bypassing of the tube side stream can
occur.
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5.3.2 Membrane properties

�e membrane used in this research is a porous alumina (AlO + –% SiO) with an
internal diameter of mm. �e results of an XRD measurement on the material com-
position are shown in Figure .. Squares represent the characteristic peaks for AlO,
obtained from the database of�e International Centre for Diffraction Data (ICDD). Sili-
cium dioxide peaks are almost invisible here.

Together with XRD measurements, SEM photographs of a cross section of the mem-
brane tube were made. Figures .(a) and .(b) show the material under low (x) and
high (x) magnification. It can also be seen that the pores are typically a few microm-
eters in diameter.

5.3.3 Membrane fluxes

One of the important characterization routines in membrane related operations using
porous membranes is certainly the characterization of the membrane permeability as a
function of the transmembrane pressure drop. �e permeation can be expressed either
in moles or in (milli)liters of substance permeating through a unit of membrane area per
unit of time and correlated to the pressure difference between the feed and permeate side
of the membrane.

In this particular case, when nomembrane layer is applied on a porous support (inside
or outside), but the entire wall acts as a membrane/distributor, the permeability can be
related to both, inner and outer diameter. Here, all the fluxes are calculated based on the
outer tube diameter.
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Figure 5.2: XRD pattern of the membrane tube material
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(a)

(b)

Figure 5.3: SEM photo of a cross section of the membrane: (a) low magnification (x) (b) high

magnification (x)
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�e porous alumina tube used in the membrane reactor in this case was  cm in
length, equal to the length of the reactor. �e flow through this membrane was exam-
ined as a function of the transmembrane pressure difference at room temperature (see
Figure .). However, only the part of this tubewhichwas located in the oven ( cm,mid-
dle part of the tube), was permeable. �e remaining of the tube wasmade non-permeable.
�ere are two routes to achieve this: either by cutting the tube to the desired perme-
able length and then extending it with dense tubes at either end to the length required
by the size of the reactor, or by sealing the top and bottom sections of the membrane tube.
�e first approach includes combining (ceramic) materials of different physical proper-
ties, which then causes accumulation of stresses at the connection points. �is leads to
an easy breakage of such a tube and therefore this approach was not used here. Instead,
top and bottom sections were sealed, for this solution avoids high stresses in the mate-
rial and it is from a technical point of view much easier to be achieved. In order to prove
that the sealing is satisfactory, flux measurements were done with and without sealing of
the bottom and top sections of the membrane and the dependency of the permeation on
the transmembrane pressure difference is plotted in Figure .. As can be deduced from
the fitted functions through the measured data points, sealing successfully prevents per-
meation in the top and bottom section of the tube, even at pressure levels which are far
beyond those used in the subsequent ODHP experiments.

Since the ODHP reactions will be carried out at a temperature of K, it was also
necessary to examine the membrane fluxes over the temperature range from K until
K. Results from these experiments, presented in Figure ., show that the highest flux
is obtained for a temperature of K and at large transmembrane pressure differences.
As the temperature was increased, the flux of oxygen (expressed in mol/(m ⋅s)) for the
same ∆p decreased. If the flux is compared at ∆p = . bar, it can be seen that the decrease
is about %.

5.3.4 Back-permeation

�e extent of back-permeation of propane from the tube side of the membrane reactor to
the shell side due to the concentration difference has also been examined. �e gas stream
to the tube side consisted of pure nitrogen, and to the shell side pure oxygen was fed.
�e oxygen flow rate was set to ml/min (all volumetric flow rates mentioned in this
chapter are innormalmilliliters perminute), while the transmembrane pressure difference
was regulated by the valve at the outlet of the shell side. It is also important to mention
that in these experiments the shell side was open ended.

From Figure . it can be clearly seen that the back-permeation is very significant at
lower nitrogen flow rates and at higher operating temperatures. An increase of the flow
rate to the tube side increases the amount of nitrogen found in the shell side, however, if
this is quantified as percentage of nitrogen (initially) present in the tube side, the extent of
back-permeation actually reduces. It is also noticeable that the operating temperature sig-
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Figure 5.4: Membrane permeability as a function of the transmembrane pressure drop at  K.�e

lower curve represents the permeability of the tube with sealed ends and thus permeable only for a

length of  cm, while the other curve is obtained from the permeability measurements with the entire,

unsealed,  cm long, porous alumina tube.
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at different temperatures. Shell side feed:  ml/min O ; tube side feed:  ml/min N .
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nificantly affects the extent of back-permeation: back-permeation at K is significantly
higher in comparison to back-permeation at K, which can be attributed to the lower
permeability of the membrane at high temperatures.

�e transmembrane pressure difference also has a significant impact on the extent of
back-permeation. As shown in Figure ., increasing the transmembrane pressure differ-
ence to . bar at K leads to a decrease of the percentage of nitrogen back-permeated
from . to .%. At the same time, at a lower temperature level, even a difference of
. bar leads to virtual absence of back-permeation.

5.3.5 Reproducibility

In order to ensure that the experimental results are reliable, several reproducibility tests
were performed. Both reactor setups (with premixed as well as with distributed oxygen
feed) were examined. �e experimental series were done in the way that between re-
peating two identical experiments (i.e. with identical setpoints with respect to all process
parameters) a number of other experiments was performed. �e results from these tests
can be found in Figure . and Figure .. From these graphs it can be clearly concluded
that the overall reproducibility in both cases is quite good.

5.4 Results and discussion

5.4.1 Premixed feed

�e experiments with premixed reactants were performed in the experimental setup using
a dense alumina tube (see subsection ..). To be able to compare the results from these
experiments and the experiments in the membrane reactor discussed later, the identical
amount of catalyst was used. In Figure . the results of two experimental series for two
different inlet flow rates are given. In these experiments the total volumetric flow rate
(thus also the contact time) as well as the propane inlet concentration were kept constant,
while the oxygen inlet concentration was varied. In order to maintain the same flow rate
for different oxygen concentrations, the inlet stream was diluted with nitrogen.

As expected, the propylene selectivity decreases strongly with increasing propane con-
version. For low propane conversions, the experimentally obtained selectivities are in a
very good agreement with the conversion-selectivity curve obtained from numerical sim-
ulations, indicated with the dashed lines. Moving towards higher conversions, the calcu-
lated selectivity to propylene is slightly higher in comparison to the experimentally ob-
tained values. �is could be attributed to possible formation of acrolein at lower propane
over oxygen ratios (see Davies and Taylor [, ]), since this reaction has not been in-
cluded in the model.

Decreasing the inlet flow rate, the selectivity to propylene increases, when compared
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Figure 5.8: Premixed reactants flow: reproducibility tests and influence of the oxygen inlet concen-

tration for two different (total) flow rates at  K. For one series the oxygen inlet concentration is

indicated.

at the same propane conversion. �e explanation for this result can be found by examining
the oxygen concentration levels for these two cases.

�e amount of oxygen needed for achieving a certain propane conversion differs for
different contact times; higher flow rates mean shorter contact times and therefore more
oxygen is needed to reach a certain conversion, in which case the propane/oxygen ratio is
lower, which favors side reactions and explains the observed lower selectivity to propylene.

5.4.2 Distributed oxygen feed

Similar to the cases with premixed reactants feed, experiments with distributed feed of
oxygen were performed. Dilution of the feed stream was used to keep the overall contact
time unchanged, when the concentration of one of the reactants was varied. In case of
distributed oxygen feed, there are two possibilities, either to dilute the shell side stream
(oxygen), or to dilute the propane feed in the tube side of the reactor. In chapter , these
two cases were also investigated.

Tube side dilution

Experimental examination of the ODHP was performed in the reactor setup described
previously with the porous alumina membrane tube installed. �e membrane tube was
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inserted in the steel tube with a diameter of mm, so that oxygen was fed via the annular
space (closed end!), while propane and nitrogen were fed through the tube side of the
membrane reactor.

Having in mind that the oxygen concentration was targeted to be low, the pressure
difference between the shell and tube side was also kept low. �e addition of nitrogen in
the tube side contributed to a slight increase of the pressure difference over the catalyst bed,
thereby decreasing the pressure difference between the shell and tube side of the reactor.

In these experiments, the contact time was kept constant, while the oxygen concentra-
tion was altered, comparable to the experiments where the shell side stream was diluted.
�e effects of the inlet composition variation are shown in Figure ..
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Figure 5.9: Selectivity to propylene as a function of the propane conversion: back-permeation imposes

serious problems in the system where the tube side streamwas diluted. Reaction composition contained

 % of propane, while the contact time was kept constant by adjustment of inert (N).

Unlike the experiments with dilution from the shell side, discussed later, these ex-
perimental results showed much larger deviations from the numerically predicted values
for the conversion and selectivity. Even at low conversions, the difference was reasonably
large. For a given propane conversion, the selectivity to propylene was overpredicted. At
higher conversions, this difference becomes somewhat lower, however, still a large amount
of propane is involved in side reactions. �is is most likely caused by the relatively high
extent of propane back-permeation to the shell side of the membrane reactor. Propane
which back-permeates to the shell side of the reactor can also react with oxygen present
there and form COx. Although the rate of the gas phase reaction of propane with oxygen



Experimental demonstration of ODHP in a PBM reactor ∥ 115

at moderate temperatures, such as in this work used (K) is low, one should keep in
mind the following:

. �e oven heats the steel shell side of the reactor, so the the membrane tube is heated
indirectly by convective heat transport. As a consequence, the temperature in the
shell side is somewhat higher than K.

. �e annular space is confined by the alumina membrane and by the steel reactor
wall. Steel, under these conditions, may act as a catalyst for propane oxidation, while
alumina remains inert, especially having in mind that its temperature is lower and
close to K.

�us, the low transmembrane pressure difference and the low amount of oxygen fed
can explain why the experimental results obtained were in large discrepancy with the
model. Of course, the model could be extended to include back-permeation effects. How-
ever, industrial reactors should be operated such that back-permeation effects are negli-
gible. In this work, this was achieved via shell side dilution.

Shell side dilution

In previous experiments, the reactants stream was diluted from the tube side. �e other
possibility, dilution from the shell side, was examined as well.

Experiments were performed where the oxygen concentration was varied (at constant
contact time) as well as where the total flow rate was varied, while the feed composition
was kept constant. �e influence of the oxygen concentration on the performance of the
packed bed membrane reactor is shown in Figure ., together with results of similar
experiments in the packed bed reactor with premixed reactants.

A significantly higher propylene selectivity can be achieved with distributive oxygen
feeding, especially at higher propane conversions. As can be clearly seen, the experimen-
tally determined selectivity to propylene agrees well with results obtained from numeri-
cal model simulations, however for somewhat higher conversions (obviously obtained at
high oxygen concentrations!), the experimentally obtained selectivity tends to be slightly
smaller than predicted. A possible explanation for this is formation of acrolein [, ], as
mentioned earlier, whichwas not included in themodeling. Acrolein is formed at propane
to oxygen ratios close, or lower than one, which was generally avoided, firstly because of
the low selectivity to propylene and secondly because operation at these conditions falls
within the explosion limits of the propane/oxygen mixture. Moreover, it can be concluded
that the reproducibility of the experiments in the membrane reactor is quite good.

Another series of experiments was carried out where the total flow rate of reactants
was varied, while keeping the inlet composition unchanged. �ese experiments were per-
formed with a feed composition N :CH:O = ::, while the total volumetric flow rate
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Figure 5.10: Comparison of the performance of a packed bed reactor with premixed feed and a packed

bed membrane reactor with distributed oxygen feed. Influence of the oxygen inlet concentration at

constant contact time at  K. Volumetric flow rate for both systems was kept at  ml/min.
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was varied between  and ml/min. Results from these experiments are depicted in
Figure .. Again, the experimental results compare well with the numerical simulations.

�e selectivity to propylene at lower flow rates is slightly lower than expected from
the simulation study. A possible explanation of this is the following: low (total) flow rate
means low flow rate of propane in the tube side, but also low flow rate of oxygen in the shell
side of the reactor. As a consequence, this low flow rate in the shell side corresponds to a
lower transmembrane pressure, which increases the extent of back-permeation somewhat.
�erefore the conversion at the low flow rates is slightly overpredicted, since propane can
also react in the shell side, while the selectivity to propylene is somewhat underpredicted.
For the higher flow rates, the transmembrane pressure difference is higher, so that back-
permeation is negligible and the numerical simulations compare very well with the exper-
imental results.

Influence of inert addition

�e influence of different hydrocarbon concentrations was also examined experimentally.
�e overall concentration of propane in the first case was set to  % of the total volumetric
flow rate (ml/min) and the different conversions/selectivities were obtained by varia-
tion of the oxygen feed concentration. In the second case, the concentration of propane
was set to %.
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Figure 5.12: Influence of inert addition on the performance of membrane reactor. Flow rate constant,

 ml/min, CH concentration  () %.
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�e experimentally obtained results, shown together with curves obtained from nu-
merical simulations (see Figure .) show clearly that a better performance is achieved
without dilution. Lower reactants concentrations reduce the reaction rate, thus requiring
a higher oxygen concentration to obtain the same propane conversion with a correspond-
ing decrease in the propylene selectivity.

5.5 Conclusions

In this chapter an experimental study was presented on the performance of the oxida-
tive dehydrogenation of propane in a packed bed reactor with premixed reactants and
a packed bed membrane reactor where oxygen was fed distributively. �e influences of
the flow rate, inlet composition and dilution were experimentally examined and com-
pared with the results obtained from numerical model simulations. It was experimentally
demonstrated that significantly higher propylene yields can be achieved in a packed bed
membrane reactor with distributive oxygen feed.

�e results from the experiments where the inlet composition was altered compared
very well with the simulation results, which also holds for the experiments with shell side
dilution where the total volumetric flow rate was varied. Only for the case of tube side
dilution larger discrepancies were found, where it has been shown that back-permeation
significantly decreased the overall performance of the membrane reactor, which was not
accounted for in the modeling.

At the end, it can be concluded that the propylene yields obtained in the packed bed
membrane reactor are indeed significantly higher at higher propane conversions, com-
pared to those obtained in the reactor with no distributive oxygen feeding and that the
packed bed membrane reactor can outperform conventional reactors which are currently
in industrial use.
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Summary

�e limitations of current processes for propylene production and the strong increase in
the demand for propylene over the past decade made the oxidative dehydrogenation of

propane (ODHP) an attractive alternative direct production route for propylene. Its sig-
nificant advantages over currently applied dehydrogenation processes, are:

• �e conversion of propane in ODHP is not limited by the thermodynamic equilib-
rium,

• ODH is exothermic and has therefore a benefit over classic dehydrogenation pro-
cesses, which are endothermic processes requiring costly heat supply at high tem-
perature levels,

• Coke formation is prevented,

• High propylene to ethylene ratio is obtained,

• Operation is possible at moderate temperature levels of about  °C,

making this process very attractive for a possible future industrial application.

�e research on ODHP reported in the literature can be divided into two categories.
One direction focuses on the design of the catalysts which partially oxidize alkanes to
olefins, with yields comparable to those obtained with current technologies for propy-
lene production. �e other direction focuses on different reactor configurations and non-
conventional reactor operation (cyclic feeding of reactants, for example) which can out-
perform the “traditional” reactor configurations and their operation.

In this thesis, the main research effort was in the direction of how a sophisticated
reactor design can improve the propylene yield in the ODHP process and to quantify this.

First, a literature survey was performed, to investigate which are the best catalyst sys-
tems and best operating conditions that result in the largest propylene yield. �is was
accompanied by an investigation of different proposed reactor concepts. Packed bed re-
actors with premixed and distributed oxygen feed, as well as reactors using fluidized bed
technology were discussed. Research on process conditions showed that the oxidative de-
hydrogenation of propane can be performed at moderate temperature levels. �is is a
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large benefit in terms of energy utilization, in comparison to more conventional dehydro-
genation processes. Operation at atmospheric, or close-to-atmospheric pressure was also
reported to give optimal results. �is was then further used to select the conditions for
the experimental work. It was also found for this research the combination of GaO and
MoO can be used as a catalyst. �e GaO/MoO catalyst combines good alkane acti-
vation properties of GaO with the selective oxidation function of MoO in a beneficial
manner. Also, this catalyst is very easy to prepare, while its performance is quite compa-
rable to the performance of other, much more sophisticated (hence expensive) catalytic
systems. However, kinetic data for this specific catalytic system have not been reported in
literature. �erefore, for the assessment of the reactor concept, a kinetic study was per-
formed.

In the kinetic study of ODHP over a GaO/MoO catalyst which followed, the reac-
tion rates were experimentally determined in a catalytic reactor under differential reaction
conditions for the catalyzed and non-catalyzed system. It was verified extensively that in-
trinsic reaction kinetics were determined. �e results obtained showed that the reaction
orders in oxygen are higher for the side reactions, than for the main reaction, indicating
that the distributive oxygen feed via a packed bed membrane reactor can be used to max-
imize the propylene yield. �e reaction system was also studied without the presence of
catalyst and again a higher order in oxygen was found for the side reactions. For quanti-
fying the benefit of employing a packed bed membrane reactor with distributive oxygen
feed, instead of packed bed reactor with premixed reactants feed, a detailed numerical
model was developed. A multi-compartment, multi-component reactor model was de-
veloped for a tube-in-tube configuration, where the number of compartments could be
varied. If the number of compartments was selected to be one, then the model comprised
a single tube reactor with premixed reactants flow. For two compartments, a model of
a membrane reactor with distributed feed of reactant(s) was obtained. Using the mod-
ified �iele modulus concept it was verified that a D model description is appropriate.
It was also examined (and confirmed) that the catalyst particles are practically isother-
mal, so that a pseudo-homogeneous approach is valid for the case examined. Using this
model, the performance of a reactor for the catalyzed ODHP was simulated for the cases
of premixed and distributed oxygen feeding, where the reactants composition, flow rates
and extent and manner of dilution were varied. �e simulation results demonstrated that
large improvements in propylene yield can be achieved via distributive feeding of oxygen.

Finally, a series of experiments were performed in a lab-scale packed bed membrane
reactor in order to validate the numerical simulation results. First, an experimental setup
was constructed, equippedwith a singlemembrane tube of desired characteristics in terms
of mechanical and physical properties. Experiments were carried out with both premixed
and distributed oxygen feed and compared, and the influence of the gas composition, flow
rate and the extent of dilution was investigated. �e extent of back-permeation of propane
from the tube side of the membrane reactor to the shell side due to the concentration dif-
ference has also been examined. A good match between experimental results and results
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fromnumerical simulations showed that the model is indeed quite satisfactory to describe
the process of the oxidative dehydrogenation of propane. Only for the case of tube side
dilution somewhat larger discrepancies between experimental and numerically obtained
results were found, caused by back-permeation, which was ignored in the model. Finally,
the results demonstrated also that a significantly higher propylene yield can be achieved
at higher propane conversions in a packed bed membrane reactor operated at much lower
temperatures, outperforming conventional reactor concepts for theODHP (fixed bedwith
premixed reactants feed).





Samenvatting

Door de limiteringen van de huidige industriële processen voor de productie van pro-
pyleen en de toenemende vraag naar propyleen over de laatste tien jaar is de oxidatieve
dehydrogenering van propaan (ODHP) een attractief alternatief proces voor de directe
productie van propyleen. De voordelen ten opzichte van de hydrogeneringsprocessen die
momenteel worden toegepast, zijn:

• De conversie van propaan in het oxidatieve dehydrogeneringsproces is niet gelimi-
teerd door het thermodynamisch evenwicht,

• Oxidatieve dehydrogenering is exotherm, terwijl de klassieke dehydrogenerings-
processen endotherm verlopen bij hoge temperaturen. Op hoge kosten voor warm-
tetoevoer bij hoge temperaturen kan dus worden bespaard,

• Koolstofvorming kan worden voorkomen in het oxidatieve dehydrogeneringspro-
ces,

• Er kan een hoge propyleen/ethyleen product ratio worden verkregen.

• Het oxidatieve dehydrogeneringsproces kan worden uitgevoerd bij gematigde tem-
peraturen van rond de  °C.

Deze voordelen maken oxidatieve dehydrogenering een aantrekkelijk alternatief voor in-
dustriële propyleen productie.

In de onderzoeksliteratuur naar oxidatieve dehydrogenering zijn twee hoofdstromin-
gen te onderscheiden. Een onderzoekslijn concentreert zich op het ontwerpen van kataly-
satoren die alkanen partieel oxideren naar olefins met opbrengsten die vergelijkbaar zijn
met die in de huidige technologie voor propyleen productie. De andere onderzoekslijn
concentreert zich op nieuwe reactor ontwerpen en onconventioneel reactorgebruik (bij-
voorbeeld: cyclische reactantentoevoer) ten einde de prestaties van de traditionele reactor
configuraties en hun gebruik te kunnen overtreffen.

In dit proefschri� wordt beschreven hoe met een verbeterd reactor concept de pro-
pyleen opbrengst kan worden verhoogd met het oxidatieve dehydrogeneringsproces en
wordt deze verbetering gekwantificeerd.
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Als eerste is een literatuuronderzoek uitgevoerd naar katalysatoren en reactie condi-
ties die een maximale ethyleen productie mogelijk maken. Tegelijkertijd werden verschil-
lende reactorconcepten onderzocht. Zowel gepakte bed reactoren met een voorgemengde
of distributieve zuurstof toevoer, als gefluidiseerde bed reactoren worden besproken. On-
derzoek naar de proces condities liet zien dat de oxidatieve dehydrogenering van propaan
kan worden uitgevoerd bij gematigde temperatuurniveau’s, wat een groot voordeel is in
termen van energie-efficiëntie in vergelijking met de traditionele dehydrogeneringspro-
cessen. Bij operatie onder atmosferische of bijna atmosferische druk werden optimale
resultaten gevonden. Deze input werd gebruikt voor de selectie van de condities in het
experimentele werk beschreven in dit proefschri�. Een combinatie van GaO en MoO

werd gebruikt als katalysator in dit onderzoek. De GaO/MoO katalysator combineert
succesvol de goede alkaan activerings eigenschappen vanGaO met de selectieve oxidatie
eigenschappen van MoO . Bovendien is deze katalysator gemakkelijk te bereiden, terwijl
de prestaties vergelijkbaar zijn met andere, meer verfijndere (en dus duurdere) katalysa-
toren. Kinetische gegevens voor deze katalysator zijn in de literuur echter niet te vinden.
Om deze reden is eerst de reactiekinetiek experimenteel bepaald.

In de kinetische bestudering van de oxidatieve dehydrogenering van propaan met een
GaO/MoO katalysator zijn de reactiesnelheden experimenteel bepaald in een kataly-
tische reactor onder differentiële reactie condities voor het gekatalyseerde en het niet-
gekatalyeerde systeem. De verkregen resultaten laten zien dat de reactie orde in zuurstof
hoger is voor de nevenreacties in vergelijking met de hoofdreactie, wat aangee� dat distri-
butieve zuursto�oevoer in een gepakt bed membraan reactor kan worden gebruikt om de
propyleen productie te optimaliseren. De reactie is tevens bestudeerd in afwezigheid van
de katalysator. Ook in dit geval werd een hogere reactie orde in zuurstof gevonden voor de
nevenreacties. Om het voordeel van een gepakt bed membraan reactor met distributieve
zuursto�oevoer ten opzichte van een gepakt bed reactor met voorgemengde reactanten-
toevoer te kwantificeren, is een gedetailleerd numeriek model ontwikkeld. Een model re-
actor bestaande uit meerdere componenten en een variabel aantal compartimenten werd
ontwikkeld in een buis-in-buis configuratie. Als het aantal compartimenten gelijk is aan
één, wordt een enkele buis reactor met voorgemengde reactanten gemodelleerd, terwijl
als het aantal compartimenten gelijk is aan twee, een membraan reactor met distributieve
reactantentoevoer. Met de gewijzigde �iele modulus voor  dimensionale diffusie werd
geverifieerd dat een D model beschrijving voor dit systeem geschikt is. Evenzo werd ge-
test (en gevonden) dat de katalysatordeeltjes zich praktisch isotherm gedragen, zo dat in
dit geval een pseudo homogene aanpak voldoet. Gebruik maken van dit model werd het
gedrag van een reactor tijdens de oxidatieve dehydrogenering van propaan gesimuleerd
voor voorgemengde en distributieve zuursto�oevoer, terwijl de compositie van de reac-
tanten, doorstroomsnelheden en mate en wijze van verdunning werden gevarieerd. De
simulatieresultaten lieten zien dat er grote verbeteringen in de propyleen opbrengst kun-
nen worden behaald met distributieve zuursto�oevoer.
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Ten einde de resultaten vande numerieke simulaties te validerenwerd een serie experi-
menten uitgevoerd in een gepakt bedmembraan reactor op lab schaal. Een experimentele
setup werd uitgerust met een enkele membraanbuis met de vereiste fysische en mecha-
nische eigenschappen. Er werden experimenten uitgevoerd met zowel voorgemengde als
distributieve zuurstof toevoer en de resultaten werden met elkaar vergeleken. De invloed
van de gassamenstelling, doorstroomsnelheid en de mate van verdunning werd onder-
zocht. Daarnaast is ook de mate van terugdiffusie van propaan van de buiskant van de
membraan reactor naar de buitenkant als gevolg van de concentratiegradiënt onderzocht.
De goede overeenkomst tussen de experimentele resultaten en de resultaten van de nume-
rieke simulaties toont aan dat het gebruikte model inderdaad geschikt is om de oxidatieve
hydrogenering van propaan accuraat te beschrijven. Alleen in het geval van verdunning
aan de buiskant werd er een grotere discrepantie tussen de experimenteel en de numeriek
verkregen resultaten gevonden. Tot besluit laten deze resultaten zien dat een significant
hogere propyleen opbrengst kan worden verkregen bij hogere propaan conversies in een
gepakt-bed-membraan reactor, uitgevoerd bij lagere temperaturen vergeleken met con-
ventionele reactor concepten voor de oxidatieve dehydrogenering van propaan (in een
gepakt bed met voorgemengde reactanten toevoer).





Сажетак

Ограничења постоjећих процеса за производњу пропилена, као и велики пораст
потражње за пропиленом током протекле децениjе, учинили су да оксидативна
дехидрогенациjа пропана (ОДХП) постане занимљив алтернативни начин произ-
водње пропилена директним поступком. Значаjне предности овог поступка су:

• Конверзиjа пропана уОДХПниjе ограничена термодинамичком равнотежом,

• ОДХ jе егзотермна, те jе према томе повољниjа у односу на класичне дехидро-
генационе процесе, коjи су ендотермни и захтеваjу скупоцено довођење то-
плоте на високим температурама,

• Нема настаjања кокса,

• Добиjа се велики однос пропилен/етилен,

• Процес jе могућ на умереним температурама од око  °C.

Наведене предности чине оваj процес врло перспективним за могућу индустриjску
употребу у будућности.

Истраживања на темуОДХП, обрађена у литератури, могу да се поделе у две ка-
тегориjе. Jедан правац истраживања се фокусира на дизаjн катализатора коjи пар-
циjално оксидуjу алкане до алкена са приносима упоредивим са приносима добиjе-
ним користећи технологиjе за производњу пропилена коjе су тренутно у употреби.
Други правац се фокусира на различите конфигурациjе реактора, као и неконвен-
ционални рад реактора (циклично довођење реактаната, на пример), коjи могу да
буду знатно бољи у поређењу са

”
традиционалним” конфигурациjама реактора и

њиховим начином рада.

Главни циљ истраживања приказаног у овоj тези jе испитивање и квантифика-
циjа утицаjа напредног дизаjна реактора на повећање приноса пропилена у ОДХП.

Као прво, проучена jе литература, да би се истражило коjи каталитички систе-
ми и какви процесни услови резултуjу наjвећим приносом пропилена. Ово jе било
праћено и истраживањем различитих предлаганих реакторских концепата. Размат-
рани су реактори са пакованим слоjем са и без дистрибуисаног довода кисеоника,
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као и реактори са флуидизованим слоjем. Истраживање на тему процесних услова
jе показало да jе оксидативна дехидрогенациjа пропана могућа на умереним тем-
пературама, што jе свакако од велике користи у смислу искоришћења енергиjе, у
поређењу са конвенционалнимпоступцима дехидрогенациjе.Улитератури jе пока-
зано да рад на атмосферском притиску, или притиску блиском атмосферском, даjе
оптималане резултате. Ово jе касниjе коришћено приликом избора услова за екс-
периментални рад описан у тези. Такође jе наведено да би комбинациjа GaO са
MoO могла да буде катализатор коjи би се користио у овом истраживању. Наиме,
катализатор GaO/MoO у себи комбинуjе добру способност GaO за активациjу
алкана са способношћуMoO за селективну оксидациjу.Такође, оваj катализатор се
jедноставно прави, док jе његов учинак упоредив са учинцима других, сложениjих,
(те тиме и скупљих) каталитичких система. На жалост, подаци о кинетици за оваj
конкретни каталитички систем нису били доступни у литератури, те jе за оцену
учинка реакторског система било неопходно да се испита и кинетика реакционог
система.

Приликом испитивања кинетикеОДХПна катализаторуGaO/MoO коjа jе за-
тим уследила, брзине реакциjа за катализован и некатализован систем су експери-
ментално одређене у каталитичком реактору, при диференциjалним реакционим
условима. Потврђено jе на више начина да jе одређивана само унутрашња кинети-
ка. Добиjени резултати су показали да jе ред реакциjе у односу на кисеоник већи
за случаj споредних реакциjа него за главну реакциjу, указуjући да дистрибуисани
довод кисеоника помоћу мембранског реактора са пакованим слоjем може да мак-
симизуjе принос пропилена. Реакциони систем jе проучаван и у одсуству катализа-
тора и поново jе нађено да jе ред реакциjе у односу на кисеоник већи за споредне
реакциjе. Да би се квантификовале предности употребе мембранског реактора са
пакованим слоjем, у односу на реактор са пакованим слоjем где се реактанти до-
воде већ претходно помешани, развиjен jе детаљан нумерички модел. Вишекомпо-
нентни, вишеделни модел реактора jе развиjен за конфигурациjу цев-у-цеви, при
чему jе могуће мењање броjа одељака. Уколико jе броj одељака jеднак jединици, мо-
дел представља реактор са jедном цеви и унапред помешаним доводом гасова, док
у случаjу да постоjе два одељка, модел представља модел мембранског реактора са
дистрибуисаним доводом реактан(а)та.Користећи концепт модификованог Тилео-
вог модула, потврђено jе да jе jеднодимензионални модел задовољаваjући. Такође
jе испитано (и потврђено) да су честице катализатора практично изотермне, тако
да jе псеудохомогени приступ валидан у испитиваним случаjевима. Користећи оваj
модел, симулиран jе рад каталитичког реактора за ОДХП, за случаj дистрибуисаног
и недистрибуисаног довода кисеоника, при чему jе мењан састав реактаната, про-
тоци, као и степен и начин разблажења реакционе смеше. Резултати симулациjа су
показали да jе дистрибуисаним довођењем кисеоника могуће остварити значаjно
повећање приноса пропилена.
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Напослетку, да би се потврдили резултати нумеричких симулациjа, изведена
jе сериjа експеримената на лабораториjском мембранском реактору са пакованим
слоjем. Претходно jе конструисан реактор опремљен мембранском цеви, одгова-
раjућих механичких и физичких особина. Изведени су експерименти како са дис-
трибуисаним, тако и са недистрибуисаним доводом кисеоника и затим упоређени
резултати, а испитани су такође и утицаjи састава гасне смеше, промене протока и
степена и начина разблажења.Испитиван jе и степен повратне пермеациjе пропана
из цеви мембранског реактора у ануларни простор, услед разлике у концентраци-
jи. Добро слагање између експерименталних и резултата нумеричких симулациjа
jе показало да jе модел заиста задовољаваjући за описивање процеса оксидативне
дехидрогенациjе пропана. Нешто веће неслагање експерименталних и теориjских
резултата jе забележено jедино у случаjу разблаживања реактаната коjи протичу
кроз унутрашњу цев реактора. Ово неслагање jе последица занемаривања утицаjа
повратне пермеациjе у моделу. Коначно, резултати су такође показали да jе у мем-
бранском реактору са пакованим слоjем могуће остварити и значаjно већи принос
пропилена при већоj конверзиjи пропана и на знатно нижоj температури, надма-
шуjући притом могућности конвенционалног реактора за ОДХП (реактор са пако-
ваним слоjем, код кога се реактанти доводе претходно већ помешани).
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